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ABSTRACT 
 
KINETIC STUDIES OF BIOMASS HYDRODEOXYGENATION  
     IN A CONTINUOUS FLOW REACTOR 
 
Jing Luo 
Raymond J. Gorte 
 
Hydrodeoxygenation (HDO) of 5-hydroxymethylfurfural (HMF) has received a 
great deal of attention in the past few years because of its importance for converting 
biomass into petrochemical replacements. Previously, most studies on liquid-phase HDO 
have been performed only in batch reactors. The present work investigates the HDO 
reaction in a self-designed flow reacting system, which is demonstrated to be a powerful 
tool for kinetic studies. The data indicate that the HDO of HMF follows a sequential 
scheme, with HMF first reacting to partially hydrogenated intermediates. These 
intermediate products then form DMF, which in turn reacts further to undesired products. 
The HDO performance has been investigated over a large number catalysts in the flow 
reactor. Monometallic catalysts (Pt, Pd, Ni, Co, Ru, Ir, etc.) are generally found to be 
unselective, due to the over-hydrogenation of DMF through ring-opening or ring-
hydrogenation. By contrast, bimetallic catalysts, especially with well-controlled particle 
size and metal composition, are observed to be highly selective in the HDO of HMF. 
iv 
 
Nearly 100% yields of DMF can be achieved over Pt3Co2, Pt3Ni, Pt2Zn and PtCu 
nanocrystal catalysts. Theoretical calculations indicate that the binding configuration of 
furanic intermediates change on bimetallic surfaces compared to monometallic catalyst, 
leading to different reaction pathways. This thesis work provides a general strategy for 
improving the HDO selectivity from HMF.  
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Chapter 1. Introduction 
 
1.1 Background 
At the present time, fossil fuels, such as coal, petroleum and natural gas, provide 
more than three quarters of the world’s energy [1]. However, the growing demand for 
energy and the diminishing supply of fossil fuel resources have given rise to ever 
widening concerns about the need for increasing global supplies in the next few decades. 
The production of fuels and chemicals from biomass, in processes sometimes referred to 
as the “biorefinery”, has received a great deal of attention in the past few years in an 
effort to break our reliance on fossil fuels [1–6]. Biomass, which usually refers to plant-
based matter, can serve as a renewable source for both energy and carbon for our 
industrial society. Plants convert CO2 and H2O using sunlight as the energy source and 
produce carbohydrates such as cellulose (40~50%), hemicelluloses (25~35%) and lignins 
(15~20%) (component percentages vary from different biomass resource)[2,7] . 
Production of energy from biomass significantly reduces greenhouse gas emissions 
compared to the combustion of fossil fuels, because the regrowth of biomass can 
consume CO2 released during energy conversion [1].   
Among the carbohydrate derivatives from plant biomass, cellulose has attracted 
the most attention; and considerable effort has been devoted to convert cellulose into 
biofuels [3,8–10].  Currently, almost all the routes for utilization of cellulose rely on its 
initial depolymerization into glucose monomers, followed by fermentation into 
bioethanol [3] or dehydration into platform molecules [3,11], such as 5-
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Hydroxymethylfurfural (or HMF).  HMF can be formed in reasonably high yields by 
dehydration of C-6 sugars [9,12–14]. For example, it has been shown that nearly 100 % 
yield of HMF could be achieved from glucose dehydration using a heteropoly acid 
catalyst in ionic liquid [9]. Alternatively, Davis et al. [15] have demonstrated the 
utilization of Sn-BEA zeolite for glucose isomerization to fructose, which can undergo 
further dehydration to HMF in high yields [16].   
HMF itself cannot be used as fuel due to its low C:O ratio. Also, because of its 
high degree of functionality, HMF is too reactive for many applications. Several 
approaches have been proposed to upgrade HMF into a variety of other chemicals and 
liquid fuels, including aldol-condensation, oxidation, etherification, hydrodeoxygenation, 
etc. Due to the high boiling point of HMF (116 ºC), most of these reactions are performed 
in the liquid phase. The next section will briefly introduce some of the most important 
industrial processes in HMF upgrading.  
1.2 Approaches to upgrade HMF  
1.2.1 Aldol-condensation 
Aldol-condensation is generally carried out to form larger molecules at mild 
temperatures (< 100 ºC) in the presence of base catalysts, eventually forming fuels with 
low volatility that are easy to transport [17]. Since HMF does not possess α-hydrogen 
atoms, it cannot undergo self-aldol condensation. However, cross-condensation is 
applicable when using an aldehyde or ketone molecule with α-hydrogen (e.g. acetone) to 
react with the aldehyde group in HMF in presence of an alkaline catalyst [1]. In this 
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reaction, the HMF can be upgraded to C9- C15 cross-condensed products, which can be 
subsequently hydrogenated to form diesel fuel [18]. The aldol-condensation reactions are 
normally carried out in polar solvents, catalyzed by base catalysts like Ca(OH)2 or NaOH 
[1,17,19].  
1.2.2 Etherification  
An alternative approach to aldol condensation involves etherification of HMF 
with an alcohol [19–21]. The process of etherification also increases the carbon number 
in the product of the reaction, forming diesel-range products with high energy densities. 
For example, the HMF-derived ether, 5-(ethoxymethyl)furfural, was reported to have a 
similar energy density (31.3 kWh/L) to regular gasoline (31.6 kWh/L), nearly as good as 
typical diesel fuel (34.9 kWh/L) [21,22].  
Etherification of HMF can be categorized as occurring via either direct 
etherification or reductive etherification. In direct etherification of HMF, only the 
hydroxyl group reacts with one alcohol molecule to form mono-ether furfural. Catalysts 
commonly used in direct etherification are strong Brønsted acids, such as H2SO4 
 
and H-
zeolites [22,23]. The remaining carbonyl functional group in the ether product reduces 
the stability of the product molecule compared to that of corresponding alcohols [23,24]. 
In reductive etherification of HMF, the carbonyl group is first reduced through catalytic 
transfer hydrogenation with one alcohol molecule, and then undergoes etherification with 
a second alcohol molecule [21,25]. It is possible that the direct etherification may happen 
at the same time with reductive etherification, forming HMF di-ethers. Reductive 
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etherification can be catalyzed by alkoxides [26] and Lewis acids [20]. Bui et al. [25] and 
Jae et al [21] have also reported high activity of zeolite BEA with framework Zr, Sn and 
Ti for reductive etherification of HMF.  
1.2.3 Oxidation 
Catalytic oxidation of HMF can produce 2,5-diformylfuran (DFF), or even 2,5-
furandicarboxylic acid (FDCA) [1]. Selective oxidation of HMF at temperatures between 
60 to 150ºC and 10 bar oxygen pressure in presence of supported metals (Pt, Pd, Au etc.) 
can produce DFF [27], which has potential applications in synthesis of drugs and 
fungicides [21]. At lower temperatures, under basic conditions, HMF can be oxidized to 
FDCA [27]. FDCA can serve as a building block for the production of biobased 
polymers, in replacement of petrochemical polymers. For example, petrochemical 
derived terephthalic acid has been used as a monomer in polyethylene terephthalate 
(PET) plastics for a long time [28]. The PET is commonly used for plastic bottles. The 
esterification product of 1,2-ethanediol and FDCA can be used to produce polyethylene 
furanoate (PEF), which is a biobased polymer and a good replacement material for PET 
due to its similar properties[28–30].  
1.2.4 Ring-opening of HMF for production of polyols  
Recently, much research has been focusing on the ring-opening of HFM to 
produce a range of polyols as building blocks for polymer and solvent industry [6]. For 
example, HMF can be hydrogenated to 2,5-bishydroxymethyl-tetrahydrofuran 
(BHMTHF), and then further convert to 1, 6-hexanediol, which is a common monomer of 
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polyesters and polyurethanes [31,32]. Another proposed ring-opening reaction involves 
conversion of HMF to caprolactone via 1,6-hexanediol to produce the monomer for 
nylon-6 [33]. Although present research efforts have reported high yields of polyols from 
ring-opening of ring-saturated compound, BHMTHF, the direct selective ring-opening 
reactions of HMF are still challenging.  
The ring-opening reactions are usually carried out in aqueous phase over Rh, Ir, 
Re catalysts [6]. Although those metals are reported to be active for ring-opening 
reaction, they are not effective for hydrogenation of furan-rings. A bifunctional catalyst 
may be one approach to do a one-pot hydrogenolysis from HMF to polyols.  
1.2.5 Hydrodeoxygenation 
Hydrodeoxygenation (HDO) of HMF to 2,5-dimethylfuran (DMF) is perhaps the 
most promising approach for HMF utilization, and it is the major topic studied in the 
present thesis work. HDO of HMF commonly occurs in the presence of 10 to 80 bar H2 
pressure, at temperatures between 100 to 250 ºC. Commonly applied catalysts are 
supported metals/ alloys, which will be further discussed in the next section. The desired 
product, DMF, is recognized an excellent fuel additive. First of all, DMF has a higher 
energy density (30 MJ/L) and boiling point (92 to 94 ºC) compared to ethanol (23 MJ/L, 
78 ºC) [8].  DMF has a high octane rating of 119 [34]. DMF is also immiscible with 
water and easier to blend with gasoline. All these features make DMF as a good choice 
for liquid fuel.  
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Since pressurized H2 is expensive, it is usually desirable to avoid both ring 
opening or hydrogenation of the furan ring. Unlike the ring-opening of HMF, only a 
relatively small amount of hydrogen is consumed in the formation of DMF. Meanwhile, 
DMF can also be converted to p-xylene with high yield via a Diels-Alder reaction with 
ethylene over zeolite catalysts [35].  
1.3 Current research in HDO of HMF 
The HDO of HMF to DMF has been studied by a large number of groups but 
achieving high selectivities and good catalyst stabilities remain a problem. For example, 
Román-Leshkov et al. [16] demonstrated reasonable yields, up to 71%, for the conversion 
of HMF to DMF using H2 and a carbon-supported, CuRu alloy catalyst. However, that 
group also reported their catalysts suffered deactivation, caused in part by the presence of 
chloride species in their reaction system. Bell et al. [9] investigated the hydrogenation of 
HMF in ionic liquids using Pd/C as the catalyst but observed low DMF yields, around 
15%, and difficulties with product separation. Although Rauchfuss et al.
 
[36] achieved a 
95% yield to DMF over Pd/C in the presence of sulfuric acid, using formic acid as the 
hydrogen source, the reaction required refluxing of the solvent and had the added 
complication of using formic acid as a reactant. In a related approach, Jae et al. [37,38] 
performed HDO of HMF over Ru/C using an alcohol as the hydrogen donor achieved 
greater than 80% yield to DMF. Interestingly, they reported that high selectivities 
required the presence of both Ru and RuO2, with the oxide presumably acting as a Lewis 
acid for catalyzing hydrogen transfer via the Meerwein–Ponndorf–Verley reaction.  
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Several very recent studies suggest that higher yields to DMF are possible, even 
using a H2 source. For example, Wang et al. [39]
 
reported yields as high as 98% using 
PtCo, bimetallic nanoparticles encased in hollow carbon nanospheres. They reported 
much lower yields with Pt-only catalysts and suggested that the high yields were possible 
with the PtCo@C catalysts because the carbon nanospheres maintained very small metal 
particle sizes and allowed for homogeneous alloying of the metal. Similarly, Nishimura et 
al. [40] obtained yields as high 96% for HMF to DMF with atmospheric H2 over a PdAu, 
bimetallic catalyst when HCl was added to promote hydrogenolysis. In general, it seems 
clear that alloy catalysts are more selective for HDO reactions than their pure metal 
counterparts [8,41–44].  
It should be noted that most of the current HDO studies have been performed only 
in semi-batch reactor. Unfortunately, there are often very big variations in the reported 
selectivities, sometimes even for reactions performed with similar catalyst and reaction 
conditions. For example, Hu, et al. [45] reported yields to DMF as high as 95% for the 
reaction of HMF with H2 using a Ru/C catalyst in tetrahydrofuran; but Saha et al.[46] 
achieved only a 3% DMF yield using a similar catalyst and solvent. A major problem for 
batch reactor studies is that the three-phase reaction (gas-phase H2; liquid-phase HMF, 
DMF, and solvent; solid catalyst) makes it complicated to determine the intrinsic 
selectivities. Mass transfer will be highly dependent on the volume and shape of the 
reactor and the methods used for mixing. When small volumes of catalyst are completely 
immersed in excess volume of liquid solvent in batch reactors, diffusion of H2 to the 
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catalyst surface is likely to limit the reaction. Moreover, controlling the environment in 
short reaction times is difficult in batch reactors. Since HDO rates may be fast under 
many conditions, reactions can occur during the heating and cooling periods.  
1.5 Thesis scope 
Considering the drawbacks of batch reactors for HDO studies, it is necessary to 
perform the HDO reactions in a flow reactor, which can minimize the mass transfer issue 
and provide better control of reaction time. Therefore, the first target of my thesis work is 
to design a high-pressure flow reactor for liquid-phase HDO of HMF, and demonstrate its 
reliability on reaction kinetic study. In Chapter 2, the design of the flow reactor and the 
reaction experiment is described in details. Chapter 3 compares the HDO performance in 
both batch and flow reactor, and investigates the effect of space time, reaction 
temperature, solvent etc. using a simple Pt/C catalyst.  
In order to further understand the reaction mechanism, my second target is to 
systematically evaluate the HDO performance over different catalysts. Chapter 4 
compares the HDO reaction over six single metal catalysts: Pt/C, Ir/C, Pd/C, Ni/C, Co/C 
and Ru/C. Product selectivities, reaction rates and catalytic stabilities are presented for all 
the catalysts. 
With the knowledge of single metal catalysts, my next target is to study a more 
complex catalytic systems: bimetallic catalysts. Chapter 5 and 6 presents the HDO 
performance on Pt-Co, Pt-Ni, Pt-Cu and Pt-Zn nanocrystal catalysts. In-depth 
investigation on the reaction mechanism over bimetallic catalysts is pursued. Discussions 
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on the strategies of catalyst and reactor design to improve HDO performance are also 
given in these two chapters.    
Chapter 7 investigates HDO of furfural, which is another platform chemical in 
biomass conversion. The similarities in the molecular structure between furfural and 
HMF suggest their similar reaction properties. This chapter makes progress in unifying 
concepts for different reactants in HDO reaction. 
Chapter 8 presents a study on HMF etherification. Although this project is not 
about HDO, the reaction is performed in a similar high-pressure flow reactor and results 
in the conversion of HMF into useful products.  
In addition to biomass reactions, this thesis also presents one other investigation 
utilizing the high-pressure reactor for kinetic studies. Chapter 9 and 10 report results on 
the high pressure cracking of n-hexane over zeolite catalysts for endothermic fuel 
reforming to cool aircraft engines [1,2]. Mechanisms of the cracking reaction under high 
pressures will be discussed in detail. In order to understand the interaction between 
hydrocarbons and zeolite materials, a supplemental study on chromatographic adsorption 
of hydrocarbons over zeolites will be presented in Chapter 11.    
Finally, overall results and conclusions are summarized in Chapter 12. 
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Chapter 2. Experimental Techniques 
 
2.1 Three-phase flow reactor system 
The three-phase hydrodeoxygenation of HMF with H2 was carried out in a 
continuous flow reactor system, which was designed and built in our lab. The schematic 
diagram of the three-phase flow reactor is shown in Figure 2.1. The reactor was a 
stainless-steel tube, 20-cm long, with a 4.6-mm ID. In most cases, 0.05 g of catalyst was 
packed into the middle portion of the tube and held in place by glass wool; however, 
conversions and selectivities were dependent only on reactor space time, independent of 
reactor catalyst loading. An inert glass tube was placed in the stainless-steel tube, 
downstream from the catalyst, in order to reduce the empty volume of the reactor and to 
prevent the catalyst bed from being pushed out of the heated zone by the reactant flow. 
The liquid feed, a mixture of 1.0 g HMF (99%, Sigma-Aldrich) in 100 mL of solvent (1-
propanol, ethanol, toluene, etc.), was introduced into the reactor by an HPLC pump 
(Series I+, Scientific Systems Inc.), which was also used to measure the total pressure in 
the reactor. The H2 (UHP grade, Airgas) flow to the reactor was controlled by varying the 
pressure drop across 8 feet of 0.002-inch ID capillary tubing (Valco Instruments, Inc.). A 
bubble meter at the reactor exit was used periodically to check the H2 flow rates. The 
liquid flow rates could be varied from 0.02 to 0.2 ml/min, while the H2 flow rates were 2 
to 20 mL/min (STP). In order to vary the space velocity in the reactor at fixed 
experimental conditions, the ratio of liquid and gas flow rates was kept constant. The 
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pressure within the reactor was controlled by a back-pressure regulator (KPB series, 
Swagelok) placed at the reactor exit. 
 
Figure 2.1: Diagram of the three-phase continuous flow reactor. 
 
 
Prior to rate measurements, the catalyst was pretreated at 250ºC in 1 bar of 
flowing H2 for 30 min. Because the products left the reactor at room temperature, product 
analysis was carried out using a syringe to inject the liquid effluent into a GC-MS (QP-
5000, Shimadzu), equipped with a capillary column (HP-Innowax, Agilent 
Technologies). The gas-phase products were also examined but, under the conditions of 
these experiments, were found to consist of only H2 and solvent vapor. Product 
selectivities were quantified using standard solutions with known concentrations of HMF, 
DMF, DMTHF, 2-hexanone, 2-hexanol, and 2,5-hexandione (all purchased from Sigma 
Aldrich). For quantification of other furan-based, intermediate products, the GC 
sensitivity was assumed to be the same as that for HMF. For open-ring, ether products, 
the GC sensitivity was assumed to be the same as 2-hexanone or 2,5-hexandione.  
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The typical time for an experiment was 4 h. For each sample injection, the GC 
analysis required 30 min. Most of the data reported here were chosen from the second or 
third measurement (40 to 60 min after starting the reaction). For the conditions of this 
study, no reaction was observed in the absence of a catalyst in the flow reactor. 
2.2 Two-phase flow reactor system 
A two-phase flow reactor system was designed and constructed for the HMF 
etherification in 2-propanol solvent (Chapter 8), and for the high-pressure hexane 
cracking reactions (Chapter 9, 10). Figure 2.2 shows the schematic diagram of the flow 
rector system. The configuration of the two-phase flow reactor is similar to the three-
phase reactor as shown in Figure 2.1.  No additional gas-feed line is connected in reactor 
inlet.  
 
 
 Figure 2.2: Diagram of the two-phase continuous flow reactor. 
 
For the HMF etherification reactions, the reactor was a 20-cm long, stainless-steel 
tube with a 4-mm ID and 1/4-inch OD, passed through a tube furnace. The liquid feed, a 
mixture of 1 g HMF and 100 mL isopropanol (99.9%, Fisher Scientific), was introduced 
into the reactor using an HPLC pump with a fixed feed rate at 0.2 mL/min. For these 
measurements, the reactor pressure was maintained at 69 bar using a back-pressure 
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regulator. Product analysis was carried out by means of a GC/MS, equipped with a 
capillary column (HP-Innowax, Agilent Technologies). The HMF quantification was 
achieved by GC/MS using standard solutions with different concentrations. Due to the 
lack of commercial standards for ethers, the GC sensitivity for the products was assumed 
to be equal to that for HMF. Due to the uncertainties in the calibration factors, the total 
GC area for all products was used to normalize product selectivities. 
For high-pressure cracking of n-hexane, the reactor was a stainless steel tube, 15 
cm long, 1/4 inch OD and 2.1 mm ID. The liquid feed, pure n-hexane (99% purity, Acros 
Organics), was pumped into the reactor at room temperature and a constant flow rate of 
0.3 mL/min using an HPLC pump. Most measurements used 0.020 g of the zeolite 
supported by glass wool in the middle of reactor, although a larger sample was used in 
some measurements for achieving higher conversions. The outlet from the reactor was 
connected to a back pressure regulator, which allowed good control of the reactor 
pressure from 1 to 200±1 bar. Helium (UHP grade, Air Product) was then added to carry 
the products into the gas-sample loop of a GC/MS, equipped with a capillary column 
(007 series Methyl Silicone, Quadrex). All the lines leaving the reactor were heated using 
heating tape to prevent condensation. The maximum temperature of reaction was limited 
by the ability to maintain differential conversions. The conversions for most 
measurements were less than 10%. 
To avoid large pressure drops in the reactor, the catalyst samples for these two 
reactions were first pressed into thin wafers, which were then broken into small pieces 
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before placing them into the reactor. The rectangular wafers had a characteristic size of 
1~2 mm and a thickness of approximately 0.3 mm.  
2.3 Chromatographic system for hydrocarbon adsorption on zeolite 
 
Figure 2.3: Schematic of the experimental apparatus for hydrocarbon adsorption 
 
A chromatographic system was designed and built for the study of hydrocarbon 
adsorption over zeolite materials (Chapter 11). The schematic of the experimental 
apparatus is shown in Figure 2.3. The equipment consisted of a gas chromatograph (6890 
Series, Agilent/HP) with the normal GC column replaced by a 1/8-inch stainless steel 
tube (12 cm long, 2.1 mm ID) packed with zeolite material retained by glass wool plugs. 
Most measurements used 0.08 g of zeolite, which gave a bed length of approximately 4 
cm. The inlet to the sample column consisted of two injection ports made from 0.35-mm 
ID, silica capillary tubes. One of the injection ports allowed introduction of gaseous 
hydrocarbons using a gas-tight syringe, while the other was connected to a HPLC pump 
(Series 1050, HP) to allow liquid water to be added continuously. The injection port used 
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for adding water was heated to approximately 330 K and filled with glass wool in order 
to enhance vaporization. Separate streams of He (UHP grade, Airgas) were admitted into 
the two injection ports before merging at the inlet of the packed column. In all 
experiments, the total flow rate of carrier gas into the column was fixed at 25 ml/min and 
the residence time for non-adsorbing gases was approximately 2 s. Broadening of effluent 
peaks in the absence of adsorption was also of order 2 s The effluent concentrations from 
the column could be monitored using either a thermal conductivity detector (TCD), a 
flame ionization detector (FID), or a mass selective detector (MS). The gases used to 
introduce the alkanes into the column were all obtained from Airgas and had the 
following compositions: propane (1000 ppm balanced in N2), iso-pentane (5% balanced 
in N2), n-hexane (5% balanced in N2) and n-octane (1000 ppm balanced in N2).  
2.4 Catalysis preparation 
2.4.1 Monometallic catalyst 
Most of the monometallic samples (Pt, Pd, Ir, Ru, Co, Ni, Cu, Zn) investigated in 
the present work were prepared by incipient wetness impregnation method. The catalysts 
were all prepared in our lab using carbon black (Vulcan XC-72R) as the support and all 
had 10-wt% metal loadings. The metals were added to the support by impregnation, using 
a water/ethanol (5:1) solution of tetraammineplatinum (II) nitrate (Pt(NH3)4(NO3)2, 
99.99%, Alfa Aesar), tetraamminepalladium(II) nitrate solution, (Pd(NH3)4(NO3)2, 
iridium(III) chloride hydrate (Cl3Ir·xH2O, Aldrich), 99.9%, Alfa Aesar), ruthenium(III) 
nitrosylnitrate solution, (N4O10Ru, Alfa Aesar), cobalt(II) nitrate hexahydrate 
16 
 
(Co(NO3)2·6H2O, 99%, Aldrich), Nickel(II) nitrate hexahydrate (Ni(NO3)2∙6H2O, Alfa 
Aesar, 98%), Copper(II) nitrate trihydrate (Cu(NO3)2∙3H2O, Alfa Aesar, 98%), or zinc(II) 
nitrate hexahydrate (Zn(NO3)2∙6H2O, Alfa Aesar, 99%). The dried powders were reduced 
by flowing a 5% H2/He mixture over the catalysts while ramping the temperature at 2°C 
min
-1
 to 400°C, followed by heating to 500°C with heating ramp of 1°C min
-1
. The 
catalysts were then held at this temperature for 2 h. The catalysts were then placed in the 
flow reactor. 
2.4.2 Bimetallic catalyst

 
In order to understand the effect of various parameters with bimetallic catalysts, 
preparation of well-controlled catalytic samples is necessary. The solvothermal method 
can readily control the size, morphology, and composition of bimetallic nanocrystals 
(NCs). Therefore, the present work synthesized several Pt-base metal nanocrystals (Pt-
Co, Pt-Ni, Pt-Cu, Pt-Zn) via solvothermal method, and then deposited those NCs on 
carbon support. Ligand treatment was then applied in order to activate the samples as 
catalysts.   
Nearly monodisperse Pt3Co, and Pt3Co2 NCs were synthesized by using or 
modifying the reported methods [47,48]. In the synthesis of Pt3Co NCs, the reaction 
mixture of Pt(acac)2, 1-adamantane carboxylic acid, 1,2-hexadecanediol (HDD), and 
hexadecylamine were heated under nitrogen and Co2(CO)8 was injected into the reaction 
mixture at 170 °C. The reaction mixture is heated up to 230 °C. After 40 mins, the 
                                                 

 Note: The bimetallic nanocrystal catalysts were prepared by Hongseok Yun and Jennifer D. Lee from 
Professor Christopher B. Murray’s lab, Department of Chemistry, University of Pennsylvania. 
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reaction mixture was cooled down to room temperature. For the synthesis of Pt3Co2 NCs, 
hexadecylamine was replaced by oleylamine and HDD was not added. After the injection 
of Co2(CO)8 at 170 °C, the reaction vessel was heated to 300 °C and kept for 30 mins.  
The Pt6Ni and PtNi NCs were synthesized using a scaled-up method reported 
previously [49]. For the Pt6Ni NCs, Ni(ac)2·4H2O (0.33 mmol) and HDD (1.15 mmol) 
were dissolved in a solution of DPE (40 mL), OLAM (0.8 mL), and OLAC (0.8 mL). The 
reaction mixture was kept at 80 °C for 30 min under vacuum and then heated to 200 °C 
under a nitrogen atmosphere. Pt(acac)2 (0.67 mmol), dissolved in DCB (2.4 mL), was 
injected into this mixture at 200 °C. The resulting solution was kept at 200 °C for 1 h 
before cooling to room temperature. The resulting NCs were then purified by 
precipitation with ethanol and centrifugation at 8000 rpm for 5 min. The precipitate was 
washed twice with hexane/ethanol mixtures before the final NCs were dispersed in 
hexane. The same procedure was used to synthesize PtNi NCs, except that the amounts of 
Ni(ac)2·4H2O (2 mmol) and OLAC (1.0 mL) were adjusted. Also, after the washing 
steps, the PtNi NCs were re-dispersed in hexane and size-selective precipitation was 
performed. For Pt3Ni NCs, Ni(acac)2 (0.4 mmol) and Pt(acac)2 (0.4 mmol) were 
dissolved in a solution of TOA (40 mL), OLAM (5.44 mL), OLAC (1.28 mL), and TOP 
(0.45 mL). The reaction mixture was kept under vacuum at 70 °C for 30 min, then heated 
to 330 °C under a nitrogen atmosphere. After 30 min, the reaction mixture was cooled to 
room temperature and purified by precipitation with a mixture of isopropanol and 
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ethanol. After being centrifuged at 8000 rpm for 2 min, the precipitate was washed twice 
with hexane/ethanol mixtures. Finally, the NCs were dispersed in hexane.  
PtCu and Pt2Zn NCs were synthesized by modifying a previously reported 
method [50]. For the PtCu NCs, Pt(acac)2 (0.4 mmol), Cu(acac)2 (0.4 mmol), and BTB 
(1.1 mmol) were dissolved in OLAM (20 mL). The reaction mixture was kept under 
vacuum at 80 °C for 30 min before heating to 300 °C at a rate of 5 °C min
−1
. After 1 h, 
the reaction mixture was cooled to room temperature. Purification of the NCs was 
achieved by addition of isopropanol, followed by centrifugation at 8000 rpm for 2 min. 
The precipitate was washed three times with hexane/ethanol mixtures and the final NCs 
were dispersed in hexane. For Pt2Zn NCs, Pt(acac)2 (0.5 mmol), Zn(acac)2 (0.5 mmol) 
and BTB (1.1 mmol) were dissolved in OLAM (20 mL). The reaction conditions and 
purification steps were the same as those for PtCu NCs synthesis. 
After preparation of NCs, the NCs are dispersed into carbon support to prepare 10 
weight % of metals on carbon. Since the colloidal NCs are covered by organic ligands, 
such as oleic acid and oleylamine, for colloidal stability, the catalytic reactions would be 
inhibited due to the limited access of reactants to the binding sites on the NC surface. 
Therefore, the surface ligands had to be removed to maximize their available surface 
area. For this purpose, the catalysts were gone through the two steps of surface treatment. 
First, the 300 mg of 10 wt % metal/C catalysts were exposed to O2 plasma for 15 mins. 
After the plasma treatment, the NC surface was further cleaned by rapid thermal 
annealing (RTA) [51].  
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2.4.3 Metal oxide catalyst 
Metal oxide catalysts were prepared for HMF etherification reactions in Chapter 
8. The γ-Al2O3 (99%, Alfa Aesar) was pre-treated with 1mol/L NH4NO3 solution in order 
to remove Na impurities [52]. In the NH4NO3 treatment, 500 mg of γ-Al2O3 was stirred 
with 300 mL of the solution at 353 K for 3 hours, then calcined to 773 K. The TiO2 was 
purchased from Aeroxide (99%) and used without additional pretreatment. The ZrO2 
sample was prepared by drying an aqueous solution of zirconyl nitrate hydrate (99%, 
Aldrich), followed by calcination at 773 K for 4 h.  
SBA-15-supported Al2O3, ZrO2, and TiO2 were also prepared and tested. The 
SBA-15 was a mesoporous silica, with 5.0-nm, uniform, mono-dimensional channels and 
has been described elsewhere [53]. Al2O3/SBA-15 was synthesized to have 10-wt% 
Al2O3 by mixing 1.46 g aluminum nitrate nonahydrate (98.0%-102.0%, Alfa Aesar) with 
1.8 g SBA-15 in 100 mL of water for 2 h at 353 K, followed by evaporation of the water 
and calcination of the solid at 773 K. The 10-wt% ZrO2/SBA-15 sample was prepared in 
the same manner, with a zirconia nitrate aqueous solution (99%, Aldrich ). For the 10-
wt% TiO2/SBA-15 sample, 1.8 g SBA-15 powder was stirred with 0.88 mL titanium iso-
propoxide (97%, Aldrich) in 100 mL tetrahydrofuran under a N2 atmosphere. After 
removing the solvent by evaporation, the solid was again calcined at 773 K for 4 h. 
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Chapter 3. Hydrodeoxygenation of HMF Over Pt/C in a Continuous 
Flow Reactor 
 
3.1 Introduction 
As discussed in Chapter 1, most of the past HDO studies were performed only in 
semi-batch reactors. Furthermore, there are often big variances in the yields reported by 
different groups for materials of similar composition. A major problem in comparing 
rates and selectivities between groups is that the reaction conditions are almost never the 
same. With liquid-phase hydrogenations, contact between the solid catalyst, the liquid-
phase reactant, and the gas-phase H2 can be ineffective. When the catalyst is completely 
immersed in the liquid reactant-solvent mixture, diffusion of H2 to the catalyst surface is 
likely to limit reaction. Mass transfer will be highly dependent on the volume and shape 
of the reactor and the methods used for mixing. Furthermore, in batch reactions carried 
out in an autoclave, reactions can occur during the heating and cooling periods.  
Therefore, in order to determine the importance of the reactor geometry, this 
project examined HDO of HMF in both batch and tubular-flow reactors using the same 
Pt/C catalyst. In contrast to the common view that side products are formed in parallel 
with DMF, it is shown that the formation of DMF from HMF can be viewed as a part of a 
sequence of reactions in which DMF is an intermediate product that goes on to form 
other products, so that the yields to DMF can be dramatically improved in the flow 
reactor with the proper residence time. Although previous work showed limited activity 
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and selectivity with Pt/C catalysts [39], this catalyst was found to be reasonably active 
and selective under flow conditions. By varying the space velocity, measurements in the 
flow reactor also allowed us to observe the sequence of reactions that occur during HDO 
of HMF and helped to explain some of the reasons for the poor selectivities in the batch 
experiments.  
3.2 Experimental 
The 10-wt% Pt/C catalyst used in this work was prepared by impregnation 
method mentioned in Chapter 2. The flow reactor experiments were carried out in the 
system shown in Figure 2.1. Details of the measurements were described in Chapter 2. 
Based on these measurements, the carbon balance (from the HMF) was always better 
than 93%. The fact that rates were stable for at least 5 h under all reaction conditions 
provides further evidence that minimal amounts of product were deposited onto the 
catalysts during the course of the reactions.  
Batch-reaction experiments were also performed at the University of Delaware in 
order to compare the effect of reactor type. The batch measurements were performed in a 
100 mL stainless steel Parr reactor using 0.05 g of catalyst. The reactor was charged with 
reactants, then sealed, purged with H2 and pressurized with H2 to 33 bar. The reactor was 
heated to 180ºC with a silicon oil bath and mixing was accomplished with a magnetic 
stirrer. After the reaction, the reactor was quenched in ice water and the liquid products 
were collected, filtered, and analyzed. The liquid products were identified with a GC–MS 
(Shimadzu GCMS-QP2010 Plus) while the gas products were analyzed using a GC 
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(Agilent 7890A) equipped with a flame ionization detector. To determine the effect of 
reaction time, the reactor was held at 180ºC between 0 and 8 h; however, it took 
approximately 30 min to heat and cool the reactor, so that the reactant mixture was in 
contact with the catalyst for relatively long times in all cases. Additional details about the 
batch-reactor experiments can be found elsewhere[37,38]. 
In order to better understand the sequence of HDO reactions, the reactivities of 
DMF and of furfuryl ethers were also studied. With DMF, a solution containing 0.76 g of 
DMF in 100 mL of 1-propanol (This is the same molar concentration as that used in the 
HMF experiments.) was introduced into the reactor with a flow rate of 0.2 mL/min, 
together with 20 mL/min (STP) H2 flow. To study the reactivity of furfuryl ethers, the 
tubular reactor was packed with two beds of catalysts: 0.4 g of 15-wt% ZrO2/SBA-15 at 
the front and 0.05 g of 10-wt% Pt/C at the rear. The synthesis and characterization of the 
ZrO2/SBA-15 catalyst has been described in detail in the earlier study and shown to have 
a mixture of weak Brønsted and Lewis sites [20]. In that previous study, HMF was shown 
to react with 2-propanol over ZrO2/SBA-15 to provide high yields of propyl-ether 
furfuryl alcohol and di-propyl ether, 2,5-bis[(1-methylethoxy)methyl]furan (BEF), so that 
the presence of this catalyst at the entrance to the reactor was a way to introduce the 
ethers to the Pt/C catalyst. 
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3.3 Results 
3.3.1 Batch reactor, reaction of HMF in 1-propanol 
Results from the batch reactor measurements are summarized in Figure 3.1. The 
experiments were carried out at 180 ºC with 33 bar H2 and 1-wt% HMF in 1-propanol, 
with varying reaction times from 0 h to 8 h. The 0-h experiment was performed by 
immediately quenching the Parr reactor after the temperature ramp reached 180 ºC, which 
took approximately 30 min. Even in the 0-h experiment, the conversion of HMF was 
100%. The yield of DMF was highest for the 0-h case (27.2%) and decreased steadily 
with time. Many side products were formed, including compounds with higher molecular 
weights, open-ring compounds, and hydrogenated-ring compounds. Significant amounts 
of 2,5-dimethyl tetrahydrofuran (DMTHF) were observed in all cases. 2,5-Hexanedione 
and hexane were also found but in yields less than 10%. These results are in good 
agreement with those found by Wang et al. [39] under similar reaction conditions. The 
fact that the highest DMF yield was achieved in the 0-h experiment implies that shorter 
contact times are required to maximize selectivity.   
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Figure 3.1: Product distribution for HDO of HMF in 1-propanol in the batch reactor. 
Reaction conditions: 10-wt% Pt/C, 33 bar and 180 ºC. () DMTHF, () 
DMF, () 2-hexanone, () 2-hexanol. The HMF conversion was 100% for 
all conditions. 
 
3.3.2 Flow reactor, reaction of HMF in 1-propanol 
The analogous results for the flow-reactor experiments, measured in 33 bar H2 
using 1-wt% HMF in 1-propanol, showed product distributions that were noticeably 
simpler. All major products were easily identified by GC/MS and DMF selectivities were 
reasonably high. The conversions and product selectivities are shown in Figure 3.2 for 
reactions at 140 and 180 ºC as a function of the reactor space time (W/F=weight of the 
catalyst/volumetric flow rate of the liquid) and the overall reaction network can be 
understood from Scheme 3.1. To simplify understanding of the reaction results, some of 
the products are summed together in Figure 3.2 but a more complete listing of the 
products is given in Tables 3.1 and 3.2. What the data show is that the reaction can be 
viewed as a sequential reaction, with the HMF (A in Scheme 3.1) first forming a group of 
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partially hydrogenated compounds and ethers (B in Scheme 3.1) that then go on to form 
DMF (C). With longer residence times, DMF is further converted to several undesired 
products (D). Because the reaction is sequential, the DMF selectivity goes through a 
maximum at intermediate residence times. 
 
 
(a)                                                                  (b) 
Figure 3.2: Conversion and product distribution for HDO of HMF in 1-propanol as a 
function of space time in the flow reactor. Reaction conditions: 10-wt% Pt/C, 
33 bar and (a) 180 ºC, (b) 140 ºC. () HMF conversion, () product group 
B, () DMF, () product group D 
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Scheme 3.1: Reaction network for HMF hydrodeoxygenation using alcohols as solvent. 
 
 
Among the intermediate B compounds, the largest fraction is 5-propoxymethyl-2-
furanmethanol (ether-furfuryl alcohol or EFA). It is possible that the ethers formed on 
acid sites associated with the carbon support; however, since there were no products 
formed on the carbon support in the absence of Pt, the Pt must also be capable of forming 
the ether with relatively high efficiency. Other intermediate products were observed in 
lesser amounts and included 5-propoxymethyl-2-methylfuran (ether-methyl furan or 
EMF), 5-methyl furfural (MF), 5-methyl-2-furanmethanol (methyl furfuryl alcohol or 
HMMFA), 2,5-bis(hydroxymethyl)furan (BHMF). The presence of small amounts of MF 
(always less than 1%) indicates that hydrodeoxygenation of the alcohol group can occur 
in parallel with hydrogenation of the carbonyl group. 
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Table 3.1: Conversion and product yield (%) for HDO of HMF over 10wt% Pt/C in 1-
propanol, under 180 ºC and 33 bar. 
W/F 
(g·min/mL) 
Conv.% 
B  C  D 
EFA BHMF MF HMMF EMF  DMF  DMTHF Open-ring 
0.125 56.3 16.7 4.7 <1 2.3 2.1  27.3  0 1.9 
0.25 83.4 18.3 2.6 <1 1.8 1.2  53.1  1.3 4.3 
0.5 93.4 9.1 <1 0 0 0  52.2  4.0 27.2 
1 100 3.0 <1 0 0 0  47.8  7.7 41.2 
2.5 100 1.8 0 0 0 0  30.7  10.1 57.4 
 
 
Table 3.2: Conversion and product yield (%) for HDO of HMF over 10wt% Pt/C in 1-
propanol, under 140 ºC and 33 bar. 
W/F 
(g·min/mL) 
Conv.% 
B  C  D 
EFA BHMF MF HMMF EMF  DMF  DMTHF Open-ring 
0.125 34.8 13.9 7.4 <1 2.9 1.4  7.5  0 <1 
0.25 55.3 17.6 4.6 <1 2.0 1.6  26.7  <1 1.5 
0.5 74 17.4 2.7 0 1.0 1.0  46.3  <1 4.4 
1 83.9 16.1 2.9 0 1.0 <1  46.1  2.3 14.4 
2.5 91.2 11.4 2.6 0 <1 <1  35.6  5.7 34.3 
 
 
Since DMF selectivity goes through a maximum with increasing space time, DMF 
must undergo further reactions. With longer space times, DMF was converted to DMTHF 
and several ring-opened products, 2-hexanone and 2,5-hexanedione. No decarbonylation 
products, such as furan or methyl-furan, were observed. The differences between results 
for reactions carried out 140 and 180 °C were modest. As expected, the conversions at a 
given space time were higher at 180 °C but the products formed were the same.  
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3.3.3 Reaction of DMF and furfuryl ethers 
To further characterize the reaction network in Scheme 3.1, the reactions of 
furfuryl ethers and DMF were investigated. To form high concentrations of ethers, the 
15-wt% ZrO2/SBA-15 catalyst was placed in the tubular reactor, before the Pt/C catalyst. 
Reaction was carried with 1-wt% HMF in 1-propanol at 180 °C, with 33 bar H2 and W/F 
of 0.25 g·min/mL. Table 3.3 shows the product distributions when only the ZrO2/SBA-15 
catalyst was present and when both ZrO2/SBA-15 and Pt/C were present. With only the 
ZrO2/SBA-15 in the reactor, the conversion of HMF was greater than 70% and the 
primary products were furfuryl ethers. No DMF was detected but approximately 10% of 
the products could not be identified and should likely be classified as humins. For 
reaction over the dual bed, almost all the furfuryl ethers were converted to DMF and only 
2% of these compounds remained. The unidentified products appear to pass over the Pt/C 
catalyst unaffected. Interestingly, even with humin formation over ZrO2/SBA-15, the 
yield to DMF, 77.6%, was significantly higher with the dual bed than with the single bed. 
The explanation for this appears to be that the ethers react to DMF more rapidly than 
does HMF. Because of the sequential nature of the reaction, increasing the rate at which 
DMF is formed without changing the rate at which DMF is converted to other products 
leads to the higher yield. Our results indicate the rate-determining step is probably the 
initial hydrogenation of HMF to BHMF and various ethers and propose a strategy using 
staggered catalysts, whereby an inexpensive catalyst (e.g., ZrO2/SBA-15) is employed 
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upstream to produce ethers followed by a second catalyst (Pt/C) that more readily 
converts the ethers into DMF. 
 
Table 3.3: Conversion and product yield (%) for furfuryl ether feed experiment in 1-
propanol, 180 ºC, 33 bar, 25 g·min/g W/F  
Catalyst bed Conv.% DMF EF EFA BEF DMTHF Open-ring unidentified 
Carbon Support 0 0 0 0 0 0 0 0 
ZrO2/SBA-15 73.5 0 14.7 1.8 49.3 0 0 7.7 
ZrO2/SBA-15 + Pt/C 100 77.6 <1 1.7 <1 2.3 9.2 11.1 
 
The conversion of 0.76-wt% DMF in 1-propanol (the same molar concentration as 
1.0-wt% HMF in 1-propanol) was also carried out at 180 °C, with 33 bar H2 and W/F of 
0.25 g·min/mL, over the Pt/C catalyst, with the products formed shown in Table 3.4. The 
conversion of DMF was only 26.1%, showing that DMF is much less reactive than either 
HMF or the furfuryl ethers. DMTHF, 2-hexanone, and 2-hexanol were found to be the 
major products. Unlike the case when HMF was fed to the reactor, no 2,5-hexandione 
was observed in the products. This difference may due to the presence of small amounts 
of water formed during the reaction with HMF, since the DMF requires a H2O molecule 
to form 2,5-hexandione via hydrolysis [35].  
 
Table 3.4: Conversion and product yield (%) for DMF feed experiment in 1-propanol, 
180 ºC, 33 bar, 0.25 g·min/mL W/F  
Catalyst bed Conv.% 2-hexanone 2-hexanol DMTHF 
10wt% Pt/C 26.1 18.0 3.1 2.7 
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3.3.4 Effect of solvent 
Because the furfuryl ethers formed by reaction of HMF with 1-propanol appear to 
be converted to DMF more rapidly than HMF, the effect of solvents on the reaction was 
also examined. Figure 3.3 and Table 3.5 present results for the HDO reaction using 
ethanol as solvent at 180 °C and 33 bar. The observed products and product distributions 
are similar to that observed with reaction in 1-propanol. DMF and EFA (5-
ethanoxymethyl-2-furanmethanol) were found to be the major initial products. With 
increasing residence times, the sequential nature of the reaction, A→B→C→D, presented 
in Scheme 3.1, is still apparent. The yield of DMF reached a maximum of 68.5% at W/F 
of 0.5 g·min/mL, with an HMF conversion 95.3%, which gives a yield that is slightly 
better than the 53.1% obtained in 1-propanol.  
 
Figure 3.3: Conversion and product distribution for HDO of HMF in ethanol as a 
function of space time in the flow reactor. Reaction conditions: 10-wt% Pt/C, 
33 bar and 180 ºC. () HMF conversion, () product group B, () DMF, 
() product group D 
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Table 3.5: Conversion and product yield (%) for HDO of HMF over 10wt% Pt/C in 
ethanol, under 180 ºC and 33 bar. 
W/F 
(g·min/mL) 
Conv.% 
B  C  D 
EFA BHMF MF HMMF EMF  DMF  DMTHF Open-ring 
0.125 64.3 24.0 9.0 1.0 8.2 3.4  16.2  0 2.2 
0.25 85.9 18.0 2.7 <1 1.8 1.2  53.3  <1 7.5 
0.5 95.3 9.0 <1 0 <1 <1  68.5  2.3 14.6 
1 100 5.2 <1 0 0 <1  62.7  3.8 28.0 
2.5 100 2.0 <1 0 0 0  39.3  6.1 52.4 
 
 
The HDO of HMF in toluene at 180 °C and 33 bar was also investigated, with 
results given in Figure 3.4 and Table 3.6. For this solvent, ether formation is not a 
possibility. The rates of HMF conversion were noticeably slower with toluene and 
complete conversions were approached only at the highest W/F. However, in other ways, 
the products and reaction pathways are similar and a modified network is shown in 
Scheme 3.2. While the maximum selectivity to DMF was similar to that obtained when 
using alcohol solvents, the maximum yield with toluene was much lower since this 
selectivity was achieved at relatively low HMF conversions. Aside from typical 
mechanisms via which solvents affect reaction, a possible explanation for these results is 
that turning off the ether pathway decreases the rate of DMF formation without changing 
the rate at which DMF is further converted to other products. It is also worth noting that 
the formation of unknown products, mostly humins, was much more severe with toluene 
as solvent than with alcohols, especially with long residence times. Some hydrogenation 
of toluene (methylcyclohexane, 4% conversion) and decarbonylation products (mainly 
furfural alcohol, <2% yield) were also observed.  
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Scheme 3.2: Reaction network for HMF hydrodeoxygenation using toluene as solvent. 
 
 
Figure 3.4: Conversion and product distribution for HDO of HMF in toluene as a 
function of space time in the flow reactor. Reaction conditions: 10-wt% Pt/C, 
33 bar and 180 ºC. () HMF conversion, () product group B, () DMF, 
() product group D 
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Table 3.6: Conversion and product yield (%) for HDO of HMF over 10wt% Pt/C in 
toluene, under 180 ºC and 33 bar. 
W/F 
(g·min/mL) 
Conv.% 
B  C  D Decarbonyl-
ation 
Unknown 
BHMF MF HMMF  DMF  DMTHF Open-ring 
0.125 30.1 12.9 <1 4.1  10.8  0 <1 <1 1.5 
0.25 51.3 9.5 <1 5.0  30.9  <1 <1 1.2 4.0 
0.5 66.4 8.0 <1 6.4  38.7  <1 2.0 2.7 8.1 
1 86.7 8.1 <1 3.8  49.3  1.6 6.5 <1 19.3 
2.5 95.4 2.6 <1 1.0  44.9  3.0 14.8 <1 28.4 
 
3.4 Discussion 
The first important lesson from this work is that reactor configuration has an 
enormous effect on the selectivities for HMF conversion. Previous reports have suggested 
that the selectivity of Pt catalyst is typically less than 10% due to formation of over-
hydrogenated products [39,54] and our own work with the batch reactor using the very 
same catalyst confirmed this result. However, in a flow system, yields above 60% could 
be achieved easily. This has very important implications for catalyst characterization. 
Some catalysts that are not under consideration for this reaction could simply have been 
tested under conditions that are poor for that catalyst. Clearly, catalyst screening must 
take into account what kind of reactor is going to be used in the final process.  
The poor selectivity of Pt in previous studies is at least partially explained by the 
sequential nature of the reaction. Since the desired DMF product goes on to form 
undesired products, the use of a flow reactor allows the reaction to be stopped at the 
optimal time by the choice of residence time. It is interesting to consider that, in our flow 
experiments, the estimated contact time for a typical W/F of 0.25 g·min/mL is only 0.5 
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min, whereas the residence time in most batch experiments is over an hour. The long 
times required to heat the Parr reactor to our chosen conditions renders the realization of 
a short contact times in the batch system very challenging. The batch reactor data with 0-
h reaction time showed relatively better DMF yields, up to 27.2%. However, it is 
apparent that the DMF yield had already passed through the maximum at this point and 
that over-hydrogenation reactions had already become severe.  
In addition to allowing very short contact times, the catalyst-reactant contacting is 
very different for the batch and flow reactors. In the batch reactor, the catalyst is 
effectively immersed in a much larger body of fluid, whereas the catalyst surface is much 
more accessible to the gas-phase H2 with the flow reactor. A hydrogen-covered Pt surface 
is expected to be less prone to forming humins by dehydrogenation of adsorbed species. 
Furthermore, even though ideal batch and plug-flow reactors show identical performance 
with space time for homogeneous reactions, there can be significant mixing problems 
with batch reactors when the volume of the catalyst is small compared to the reactor 
volume. This can be a serious problem for sequential reactions in which the desired 
product is an intermediate.  
It is worth noting that our three-phase, flow reactor has some similarities to a 
trickle-bed reactor. Reaction rates are dependent on catalyst wetting by the liquid phase, 
as well as mass transfer of HMF, H2, and products within the liquid phase and within the 
solid catalyst. This makes the quantitative analysis of rates difficult and highly dependent 
on the flow configuration. The purpose the present study was primarily to demonstrate 
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the importance of recognizing the role these factors play in choosing an experimental 
configuration for catalyst screening. Understanding the nature of the reaction network for 
HMF also provides important clues for improving catalysts for DMF formation. The 
formation of side products has often been viewed as being due to reactions that occur in 
parallel with the desired reaction, so that the goal is to turn off these side reactions. 
However, in a sequential reaction, A→B→ C, in which B is the desired product, the 
maximum selectivity can be achieved by either increasing the rate at which A is 
converted to B or by decreasing the rate at which B reacts to C. The key to increasing 
yield, then, is to optimize these relative rates, which are likely affected by H2 pressure 
and temperature, as well as choice of catalytic materials. Also of interest is the higher 
reactivity of furfuryl ethers compared to HDO. The possibility of forming intermediates 
by reaction with the solvent adds an additional tool for optimizing yield. 
It is well established in the literature that alloy catalysts can greatly increase the 
yield for the reaction of HMF to DMF [8,36,41–43]. Since it is likely that a similar 
reaction network is operational for these catalysts as for Pt, it is interesting to ask how 
alloying affects the rates of the various reactions. Given that alloy catalysts appear to be 
selective even with the long residence times found in batch systems, it would appear that 
the rate of DMF conversion must be significantly decreased on alloy catalysts. Studying 
this reaction network over highly selective catalysts will be enlightening. 
Clearly, a better understanding of the reaction network for HMF leading to DMF 
is important for understanding how a given catalytic material will perform. Knowing how 
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this varies with material properties should lead to improved catalytic materials and better 
catalytic processes. 
3.5 Conclusion 
The present study demonstrates that hydrodeoxygenation of HMF to DMF over 
Pt/C is a sequential reaction in which DMF is an intermediate and reasonably high yields 
can be achieved by controlling the contact time in a flow reactor. Because of this, 
previous catalyst screening in batch reactors did not properly reflect the effectiveness of 
Pt for this reaction. Consideration of the sequential nature of this reaction should also be 
used in future catalyst-development strategies. 
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Chapter 4. Comparison of HMF Hydrodeoxygenation over Different 
Metal Catalysts in a Continuous Flow Reactor 
 
4.1 Introduction 
While a number of groups have reported high yields for the reaction of HMF to 
DMF [39,45], there are very large variations in the reported selectivities, sometimes for 
what appear to be nearly the same catalyst and reaction conditions. For example, Hu, et 
al. [45] reported yields to DMF as high as 95% for the reaction of HMF with H2 using a 
Ru/C catalyst in tetrahydrofuran (THF); but Saha et al. [46] achieved only a 3% DMF 
yield using the similar catalyst and solvent. In another example, it has been reported that 
Pt catalysts are not selective for the production of DMF due formation of over-
hydrogenated products, with some studies showing selectivities as low as 10% [39]. 
However, in recent work from our laboratory [55], yields as high as 60% were obtained 
on a Pt/C catalyst. 
Determining the intrinsic selectivity for this reaction over a particular catalyst is 
complicated by the fact that it is a three-phase reaction (gas-phase H2; liquid-phase HMF, 
DMF, and solvent; solid catalyst) which is usually carried out in a semi-batch reactor. 
Diffusion of H2 to the catalyst surface is likely to be the rate-limiting step for most 
conditions. The catalyst volume is also typically a small fraction of the liquid volume, 
necessitating residence times on the order of hours in order to achieve high conversions. 
This means that initially formed products can undergo secondary reactions that in turn 
38 
 
complicate analysis of the product selectivities [55]. Catalyst stability is also difficult to 
study in these systems. 
In work presented in Chapter 3, the data for the reaction of HMF to DMF over a 
Pt/C catalyst in both semi-batch and tubular flow reactors were reported, under similar 
pressure and temperature conditions [55]. In agreement with previous reports that 
suggested Pt is a poor catalyst for this reaction, the selectivity to DMF was very low 
under semi-batch conditions. However, reasonable selectivities and yields could be 
obtained in the tubular flow reactor. By varying the residence time in the flow reactor, it 
was possible to show that the initial hydrogenation occurred on the carbonyl and alcohol 
functionalities, ultimately forming DMF. DMF itself could be considered an intermediate 
product that was further converted to open-ring and hydrogenated-ring products at longer 
space times. Therefore, the reaction network over Pt/C should be considered sequential, 
with all products going through DMF. The high selectivities in the flow reactor were 
possible because the reactant contact time was on the order of minutes. Poor selectivity 
was observed in the semi-batch reactor because DMF was further converted.  
The flow reactor also provided a convenient method for characterizing catalytic 
performance. By changing the flow rate and the catalyst loading, it was possible to vary 
the contact time by nearly two orders of magnitude, allowing measurement of the pseudo-
first-order rate constants for the reaction network under steady-state conditions, with 
various solvents and at different temperatures. Obviously, the fact that this is a three-
phase reaction makes a detailed understanding of these rate constants complicated; 
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however, the rate constants do allow quantitative comparisons of different reactor 
conditions and different catalysts. Rates of catalyst deactivation could be easily 
monitored by following the conversion and selectivity as a function of time. 
The present work compares the reaction of HMF to DMF over a series of carbon-
supported catalysts, including Pt, Ir, Pd, Ni, Co, and Ru. These metals were chosen 
because they are all good hydrogenation catalysts, which have been shown to exhibit a 
wide range of selectivities for this reaction. All the reactions were performed using 1-
propanol as the solvent, at a 180°C and 33 bar pressure. Interestingly, the overall reaction 
network was found to be similar with all six metals in that DMF is an intermediate 
product. The six metals do show variations in the rates for each of the reaction steps, 
different selectivities for over-hydrogenated products formed from DMF, and different 
rates of deactivation.  
4.2 Experimental 
The Pt, Ir, Pd, Ni, Co, and Ru catalysts were prepared via impregnation method 
mentioned in Chapter 2. All the catalysts used carbon black as the support and all had 10-
wt% metal loadings. The reaction of HMF with H2 was carried out in the high-pressure, 
flow reactor that has been described in Chapter 2. In order to further characterize the 
DMF reaction kinetics and the distribution of products formed from DMF, experiments 
were also performed with a mixture of 0.76 g DMF and 100 mL of 1-propanol as the 
feed. The molar concentration of DMF in this case is the same as that used in the HMF 
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experiments.  No reaction was observed in the absence of a catalyst under the conditions 
of this study.  
4.3 Results 
4.3.1 Reaction of HMF 
In the previous HDO study of HMF over Pt/C in 1-propanol, the reaction network 
was shown to be sequential [55], as indicated in Scheme 3.1. In this scheme, the HMF 
(A) first reacts to a group of partially hydrogenated compounds and propyl ether products 
formed from those compounds (B). Specific products that were formed include EMF, 
EFA, MF, HMMF and BHMF. All of these react further to form DMF (C), which was 
then converted to over-hydrogenated products (D), mainly DMTHF, 2-hexanone, 2-
hexanol, and 2,5-hexandione.  
Data which demonstrates this for a Pt/C catalyst are shown in Figure 4.1. In 
Figure 4.1a), the conversion as a function of space time has been plotted, along with the 
yields of DMF and the sum of compounds listed as B and D. The space times are given as 
the weight of the metal catalyst divided by the volumetric flow rates of the liquid. The 
data presented here were obtained at 180°C and 33 bar but qualitatively similar results 
were obtained at lower temperatures [55]. The product carbon balance in this example 
was better than 93% at all space times. Figure 4.1a) indicates that the conversion was 
greater than 50% for even the shortest times. With increasing space time, the partially 
hydrogenated compounds, B, decreased steadily while the DMF initially increased, then 
decreased. A more detailed analysis of the partially hydrogenated compounds is given in 
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Table 4.1. The over-hydrogenated products, D, are not formed initially but only begin to 
form at higher space times. These results are a strong indication that this is a series 
reaction, since there is no hydrogenation of the furan ring or formation of open-ring 
products before DMF production levels off and begins to decline. Figure 4.1b) gives a 
more complete analysis of the major over-hydrogenated products. For Pt/C, these are 2-
propoxyhexane and 2,5-dipropoxyhexane, which are reductive-etherification products 
formed by reaction of 1-propanol with 2-hexanone and 2,5-hexandione, respectively. 
Only a small amount of DMTHF was formed, demonstrating that secondary reactions on 
Pt give primarily open-ring products. Small amounts (<5%) of unidentified products were 
formed at the highest space times. 
 
                       (a)                                                                  (b)  
Figure 4.1: Conversion and product distribution for the HDO reaction of HMF over a 10-
wt% Pt/C catalyst as a function of reactor space time. The overall product 
distribution is given in (a) while a more detailed description of the over-
hydrogenated products (product group D) is shown in (b). Reaction 
conditions: 33 bar and 180 ºC. () HMF conversion, () product group B, 
() DMF, () product group D, () DMTHF, () 2-hexanone, () 2,5-
hexandione, () 2-propoxyhexane, () 2,5-dipropoxyhexane 
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Table 4.1: Yields of partially hydrogenated compounds over different metal catalysts at a 
space time of 0.25 g·min/mL 
Catalyst EFA BHMF MF HMMF EMF 
Pt 18.0 2.7 <1 1.8 1.2 
Ir 7.3 2.2 <1 0 1.3 
Pd 11.4 1.4 <1 0 1.5 
Ni 8.3 <1 2.0 0 1.8 
Co 2.5 <1 9.3 0 0 
Ru 1.5 1.1 14.5 0 <1 
 
Similar experiments were performed on 10-wt% Ir/C, Pd/C, Ni/C, Co/C, and 
Ru/C, with results shown in Figure 4.2 through 4.6 and Table 4.1. The reaction 
experiments were again performed at 180°C and 33 bar but the amounts of catalyst that 
were loaded into the reactor were varied in order to achieve high conversions for all the 
metals. The results for each metal were qualitatively the same in the following ways: 1) 
The HMF conversions increased with space time, as expected. 2) The partially 
hydrogenated compounds, B, appear to be the first products formed, generally decreasing 
with space time except for low HMF conversions. 3) The DMF yields initially increase 
with space time, then decline. 4) Over-hydrogenated products only begin to form at 
higher space times and their formation coincides with declining DMF yields.   
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                         (a)                                                                 (b)  
Figure 4.2: Conversion and product distribution for the HDO reaction of HMF over a 10-
wt% Ir/C catalyst as a function of reactor space time. The overall product 
distribution is given in (a) while a more detailed description of the over-
hydrogenated products (product group D) is shown in (b). Reaction 
conditions: 33 bar and 180 ºC. () HMF conversion, () product group B, 
() DMF, () product group D, () DMTHF, () 2-hexanone, () 2,5-
hexandione, () 2-propoxyhexane, () 2,5-dipropoxyhexane 
 
 
                                     (a)                                                                 (b)  
Figure 4.3: Conversion and product distribution for the HDO reaction of HMF over a 10-
wt% Pd/C catalyst as a function of reactor space time. The overall product 
distribution is given in (a) while a more detailed description of the over-
hydrogenated products (product group D) is shown in (b). Reaction 
conditions: 33 bar and 180 ºC. () HMF conversion, () product group B, 
() DMF, () product group D, () DMTHF, () 2-hexanone, () 2,5-
hexandione, () 2-propoxyhexane, () 2,5-dipropoxyhexane 
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                                    (a)                                                                  (b)  
Figure 4.4: Conversion and product distribution for the HDO reaction of HMF over a 10-
wt% Ni/C catalyst as a function of reactor space time. The overall product 
distribution is given in (a) while a more detailed description of the over-
hydrogenated products (product group D) is shown in (b). Reaction 
conditions: 33 bar and 180 ºC. () HMF conversion, () product group B, 
() DMF, () product group D, () DMTHF, () 2-hexanone, () 2,5-
hexandione, () 2-propoxyhexane, () 2,5-dipropoxyhexane 
 
The results for Ir/C in Figure 4.2 are the most similar to that of Pt/C. Because the 
results for Ir are shown to higher space times, the DMF conversion, shown in Figure 
4.2a), is higher and the production of over-hydrogenated products more extensive. The 
product carbon balance was again greater than 90% at all space times. The most 
significant difference between the data for Pt and Ir is in the products formed from DMF, 
with the major products shown in Figure 4.2b). Ring-opening products, 2,5-
dipropoxyhexane and 2,5-hexanedione, are still majority products but significant amounts 
of DMTHF are also formed. Results for Pd/C follow the trend. As shown in Figure 4.3a), 
the activity of the 10-wt% Pd/C catalyst is slightly lower than that of the Pt and Ir 
catalysts, so that higher space times were needed for high conversion of the HMF. 
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However, ring opening is negligible in the secondary products, Figure 4.3b), with 
DMTHF forming almost exclusively. The product carbon balance on Pd/C was only 85% 
for typical reaction conditions and a significant fraction (as much as 10%) of the over-
hydrogenated products could not be identified. As shown by the data for Ni/C, Figure 4.4, 
even higher space times are required for high conversions on Ni. However, the yield of 
DMF at the optimal space time was reasonably high, greater than 50%; and the major 
secondary product was 2,5-hexandione. As with Pd, the product carbon balance was only 
85%. 
 
 
                                    (a)                                                                  (b)  
Figure 4.5: Conversion and product distribution for the HDO reaction of HMF over a 10-
wt% Co/C catalyst as a function of reactor space time. The overall product 
distribution is given in (a) while a more detailed description of the over-
hydrogenated products (product group D) is shown in (b). Reaction 
conditions: 33 bar and 180 ºC. () HMF conversion, () product group B, 
() DMF, () product group D, () DMTHF, () 2-hexanone, () 2,5-
hexandione, () 2-propoxyhexane, () 2,5-dipropoxyhexane 
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                        (a)                                                                   (b)  
Figure 4.6: Conversion and product distribution for the HDO reaction of HMF over a 10-
wt% Ru/C catalyst as a function of reactor space time. The overall product 
distribution is given in (a) while a more detailed description of the over-
hydrogenated products (product group D) is shown in (b). Reaction 
conditions: 33 bar and 180 ºC. () HMF conversion, () product group B, 
() DMF, () product group D, () DMTHF, () 2-hexanone, () 2,5-
hexandione, () 2-propoxyhexane, () 2,5-dipropoxyhexane 
 
Similar to the case for Ni catalyst, data for Co/C, Figure 4.5, and Ru/C, Figure 6, 
indicate that high space times are needed to achieve high conversions. Also, 2,5-
hexandione is the major secondary product. The primary difference between these two 
metals and the others is the carbon balance was very poor. Only 65 to 75% of the carbon 
entering the reactor as HMF could be accounted for in the products. 
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Figure 4.7: Normalized conversions for HMF hydrodeoxygenation over each of the six 
metal catalysts as a function of measurement time. Reaction condition: 
W/F=0.25 g·min/mL, 33 bar and 180ºC. () Pt/C, () Ir/C, () Pd/C, () 
Ni/C, () Co/C, () Ru/C 
 
Catalyst stability for the various metals loosely correlated with the carbon 
balances observed in reaction. Figure 4.7 is a plot of the relative HMF conversion, 
normalized to the initial conversion, as a function of time on stream for the six catalysts, 
for reaction at 180°C, 33 bar, using a constant space time, W/F, of 0.25 g·min/L. For 
these flow conditions, the initial conversions were as follows: 83.4% for Pt/C, 64.5% for 
Ir/C, 36.4% for Pd/C, 47.0% for Ni/C, 36.7% for Co/C, and 40.6% for Ru/C. The figure 
shows that deactivation was modest on Pt, Ir, and Pd and much more severe over Ni, Co, 
and Ru. Although some of the differences in deactivation between the catalysts are due to 
the variations in initial activity, it is still apparent that deactivation was most severe on 
Ru and Co, the two catalysts for which the carbon balances were also worst. Therefore, it 
is likely deactivation results from humin formation on the catalyst and that the missing 
carbon from the mass balance is depositing onto the catalyst.  
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To obtain a rough estimate of the amount of carbon that may have deposited on 
the Ru and Co catalysts, an average carbon balance of 70% was assumed throughout the 
reaction and a typical liquid flow rate of 0.2 mL/min. Based on these assumptions, 
approximately 0.10 g of HMF-derived compounds could have deposited onto 0.05 g 
catalyst after 3 h. Although this amount is large, it is possible that this much of the 
reactant was retained on the catalyst, given the high surface area and low density of the 
activated carbon support. Because it is very difficult to weigh the wet catalyst after taking 
it out of the reactor, it was not possible to determine with certainty whether this is the 
reason for the poor carbon balance but the calculation does explain the deactivation 
behavior.  
4.3.2 Reaction of DMF  
To help support the conclusion that the over-hydrogenated compounds in Figures 
4.1 through 4.6 result from the reaction of DMF, the products formed by feeding DMF to 
the reactor were investigated. The experiments were carried out with a solution of DMF 
in 1-propanol (at the same molar concentration as HMF in 1-propanol), varying W/F over 
the six catalysts at 180°C and a total pressure of 33 bar. The data are summarized in 
Figure 4.8. The reaction of DMF in this case differs from the conditions of the sequential 
reactions for HMF in that water is formed in the HDO reaction to form DMF, while no 
water was present when DMF was fed to the reactor.  
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 (a) 10-wt% Pt/C                                              (b) 10-wt% Ir/C     
       
            (c) 10-wt% Pd/C                                            (d) 10-wt% Ni/C     
       
             (e) 10-wt% Co/C                                          (f) 10-wt% Ru/C     
Figure 4.8: Conversion and product distributions for the reaction of DMF in 1-propanol 
over the various metal catalysts. Reaction condition: 33 bar and 180 ºC. a) 
10-wt% Pt/C; b) 10-wt% Ir/C; c) 10-wt% Pd/C; d) 10-wt% Ni/C; e) 10-wt% 
Co/C; f) 10-wt% Ru/C. () DMF conversion, () DMTHF, () 2-hexanone, 
() 2-hexanol, () 2,5-hexandione, () 2-propoxyhexane, () 2,5-
dipropoxyhexane 
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First, there is qualitative agreement between the conversion of DMF in the plots 
of Figure 4.8 and the data in Figures 4.1 through 4.6. For example, with Ir/C, the 
conversion of DMF to secondary products during the reaction of HMF is high at a space 
time of 4 g·min/mL, a result which is also found when DMF is fed to the reactor at this 
space time. More importantly, the major products from the reaction of DMF agreed with 
that obtained as secondary products in the reaction of HMF. For example, significant 
amounts of 2-propoxyhexane were produced over Pt/C from DMF reaction at high space 
time. High yields of 2,5-dipropoxyhexane were observed with Ir/C. DMTHF was the 
primary product formed over Pd/C. For Ni/C, Co/C and Ru/C, ring-opening or ring-
hydrogenation products were also observed with increasing space time. The major 
difference between results for the reaction of DMF and HMF is that the yields of 2,5-
hexandione (and its further reaction product, 2,5-dipropoxyhexane) are lower in the 
reaction of DMF. This is almost certainly due to the much lower water content in the 
reactant stream when DMF is fed to the reactor, since the reaction of HMF to DMF 
produces water and 2,5-hexandione is formed by hydrolysis. (Note: Some water was 
present even in the DMF experiments due to the reaction of 1-propanol to form dipropyl 
ether, a product that was observed in the GC/MS.)      
4.3.3 Kinetic models 
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Table 4.2: Pseudo first-order rate constants for HMF hydrodeoxygenation over the 
various metal catalysts, for reaction in 1-propanol at 180ºC and 33 bar. 
Catalyst k1 (min
-1
) k2 (min
-1
) k3 (min
-1
) k3’ (min
-1
) 
Pt 5.8 9.2 1.1 1.2 
Ir 3.5 8.8 0.56 0.48 
Pd 1.5 5.7 0.81 0.77 
Ni 1.4 3.1 0.14 0.12 
Co 1.1 3.7 0.10 0.09 
Ru 1.0 4.3 0.16 0.14 
Note: k3’ was calculated from rate measurements using DMF as the feed. 
 
In an attempt to quantify the differences between the metals, the reaction of HMF 
was modeled as a series of first-order, sequential reactions. Using the reaction network 
shown in Scheme 3.1, k1 is defined as the rate constant for the reaction A→B, k2 for 
B→C, and k3 for C→D. The data in Figures 4.1 through 4.6 were then fit to give the rate 
constants shown in Table 4.2. Table 4.2 also reports values for k3’, which were obtained 
for the reaction C→D from the reaction data for DMF in Figure 4.8. All of the rate 
constants should obviously be used for comparison purposes only, because the reaction 
occurs in a complex, three-phase environment. Also, given that all of the catalysts were 
prepared with the same weight, not mole, percent metal, comparison of rate constants for 
the various metals is also only qualitative. It was not possible to include humin formation 
in the reaction network. First, it should be noticed that there is good agreement between 
k3 and k3’, providing additional evidence that the reaction is sequential on each of the 
metal catalysts. The fact that k3 values were slightly higher in some cases can be 
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explained by the presence of water formed from the reaction of HMF and the enhanced 
rates for ring-opening reactions that the presence of water causes. Second, the k1 values 
in the table quantify our earlier qualitative conclusion that Pt and Ir catalysts were more 
active for HMF conversion, while the Pd, Ni, Co, and Ru catalysts exhibited much lower 
rates. The Pt and Ir catalysts also have much higher values for k3, which is not desirable 
for achieving high yields of DMF. The relatively high yields obtained for DMF over 
Ni/C, even though the rates for DMF formation are relatively low, result from the fact 
that k3 is also relatively low. It seems apparent that the optimal catalyst would have a 
high k1:k3 ratio. 
4.4 Discussion 
The most important lesson from the results of the present study is that the reaction 
network for hydrodeoxygenation of HMF is very similar for all six of the metal catalysts 
that were studied. Indeed, the shape of the curves for products as a function of residence 
time are distinct in showing that the reaction is sequential, with DMF formed as an 
intermediate product. Over-hydrogenated products were not observed at low space times 
and appear only as the DMF selectivities begin to decline. This indicates that 
hydrogenation of the furan ring and formation of ring-opened products occur through 
DMF and do not occur until alcohol and carbonyl functionalities are removed from the 
HMF. The fact that this reaction is sequential has very important implications since 
selectivity, not rate, is the crucial issue in the choice of catalyst. All of the metals studied 
were effective in forming DMF. Whether the metal catalyst was capable of achieving 
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high yields was determined more by its reactivity towards DMF. To achieve higher 
selectivities, one should target catalysts that are inactive for reactions of DMF.  
Although the etherification intermediate compounds are not desired products, our 
previous study has shown that the formation of these ether products can improve the 
HDO rate over Pt/C [55]. Since those ether compounds can be further converted to DMF, 
the yield of the ethers can be simply decreased by increasing space time or reaction 
temperature.  
The sequential nature of the reaction also has important consequences for how 
catalysts should be characterized. For example, if catalysts are simply compared by 
analyzing the products after a fixed time in a semi-batch reactor, incorrect conclusions 
may be reached if the reaction time is near the optimum value for one catalyst and past 
the optimum for another. For example, the present work suggests that reports of poor 
selectivity with Pt are likely to be caused, at least in part, by the high activity of Pt. 
Previous batch reactor measurements implied that Pt is not a selective catalyst, whereas it 
was the most selective (for DMF) of the metals examined in the present flow-reactor 
study.  
Catalyst stability may also play an important role in the yields observed on 
different metals. For example, among the pure metals, Ru has been reported to be one of 
the more selective metals [45], much better than Pt [39]. As discussed above, it seems 
likely that poor selectivity with Pt is at least partially due to the high activity and good 
stability, which leads to high rates for the reaction of DMF to form other products. On the 
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other hand, Ru was observed to undergo severe deactivation in our study, preventing 
further reaction of DMF. Therefore, poor stability may be responsible for some previous 
reports from semi-batch studies that indicated Ru was the most selective of the pure 
metals [45]. 
The various metals did show differences for whether DMF reacts via furan ring-
hydrogenation or ring-opening. This can probably be explained by the relative adsorption 
energies of furan rings on the various metal surfaces. For example, it has been argued that 
[56] the furan ring is strongly absorbed on Ni, which in turn promotes the weakening of 
the C-O bond, leading to ring-opening. On Pd, the interaction is weaker and ring-
hydrogenation is preferred.  
While solvent effects were not examined in the present study, the choice of 
solvent is clearly an important variable in these reactions. In a previous publication from 
our laboratory [55], HDO rates and selectivities over Pt/C were found to be better with 
alcohols than with the non-polar solvent, toluene. On the other hand, work from other 
laboratories has shown that water tends to promote ring-opening reactions [6]. For these 
reasons, the present work focused on using alcohols as the solvent.  
It seems apparent that understanding the reaction network for HDO of HMF is 
critical for catalyst characterization and for the discovery of new materials. Because the 
most selective materials reported in the literature for the HDO reaction of HMF are 
bimetallic catalysts [39,41–44], it will be interesting to see whether the reaction on these 
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materials is again sequential or whether it would be better to describe these materials in 
terms of parallel reaction network.  
4.4 Conclusion 
The hydrodeoxygenation of HMF to DMF occurs via a sequential reaction 
network on Pt, Ir, Pd, Ni, Co, and Ru, with the selectivity determined by the ratio of rates 
for the reaction of DMF to over-hydrogenated products and the formation of DMF. While 
all of the metals initially formed DMF from the HMF, DMF was hydrogenated to 
different products over the different metals. Catalyst stabilities were also metal 
dependent. The results indicate that the selectivities to DMF are a strong function of the 
type of reactor used to make the measurements.    
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Chapter 5. Mechanisms for High Selectivity in Hydrodeoxygenation of 
5-Hydroxymethylfurfural over PtCo Nanocrystals 
 
5.1 Introduction 
The reaction of HMF to DMF has been studied extensively over various metal 
and metal-alloy catalysts[9,36,37] but selectivity to DMF over ring-opened (e.g. 2-
hexanone, 2,5-hexanedione) and ring-hydrogenated (e.g. 2,5-dimethyl tetrahydrofuran) 
products is often poor. Understanding what is required for a good catalyst is made more 
difficult by the large variances in yields that have been reported by different groups for 
materials of similar composition.[45,46] Some of these variances appear to be due the 
sensitivity of results to the type of reactor that is used in the rate measurements.[55] Even 
so, bimetallic catalysts appear to be more selective than their pure-metal analogs.[41–43] 
For example, Schüth and co-workers[39] reported DMF yields as high as 98% on Pt-Co 
nanoparticles which were encapsulated in hollow carbon spheres. 
Chapters 3 and 4 demonstrated that the reaction of HMF to DMF is sequential on 
Pt and many other metals [57], with HMF reacting selectively to DMF, but DMF then 
going on to form secondary products over the same catalysts. Based on these mechanistic 
considerations, the yield of DMF is determined by the relative rates of DMF formation 
and DMF consumption and the most selective catalysts should show low activity for 
reaction of DMF. An implication of this picture is that selective catalysts cannot consist 
of a mixture of selective and nonselective components, since even a relatively small 
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fraction of nonselective material could convert DMF to other products. For the case in 
which two metals are nonselective (e.g. Pt and Co)[57] but their alloy is selective, this 
means that the composition of the metal particles must be uniform. 
The synthesis of highly uniform Pt and PtCo nanocrystals (NCs) has been 
demonstrated via solvothermal methods.[47,48] The solvothermal method can readily 
control the size, morphology, and composition of NCs and these parameters are strongly 
correlated to their catalytic properties.[48,58] For example, Huang et al. reported that 
small amounts of molybdenum doping into Pt3Ni NCs can enhance its specific activity 
for the oxygen reduction reaction by 81 fold compared with the activity of a commercial 
Pt/C catalyst.[59] Therefore, this synthetic approach enables us to prepare and test 
catalysts whose properties are well controlled, allowing us to understand the effect of 
various parameters on catalytic activities. 
This chapter will report the HDO of HMF into DMF catalyzed by carbon-
supported Pt, Pt3Co, and Pt3Co2 NCs using a continuous flow reactor. DMF yields as 
high as 98% were achieved with Pt3Co2 alloys because this alloy shows a very low 
reactivity towards DMF. Furthermore, the bimetallic catalysts synthesized using 
solvothermal methods are stable and superior to alloy catalysts prepared by traditional 
wet impregnation. Characterization of the Pt-Co NCs reveals they have a special structure 
consisting of a monolayer of surface oxide on a metallic core. Calculations using Density 
functional theory (DFT) rationalize the stability of this structure and indicate that the 
oxide prevents side reactions while providing catalytic sites for effective conversion of 
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HMF to DMF. Computations reveal a radical-mediated reaction mechanism, which have 
found to be critical for selective HDO on oxides.[60] Structural characterization and DFT 
calculations confirm that controlling the bimetallic composition is essential for preparing 
a good catalyst. 
5.2 Experimental 
5.2.1 Catalyst synthesis and characterization

 
Nearly monodisperse Pt3Co, and Pt3Co2 NCs were synthesized by using or 
modifying the reported solvothermal methods [47,48], which have been described in 
Chapter 2. Monometallic Pt NCs was also synthesized through solvothermal for 
comparison purpose in this study. To prepare 2.5 nm Pt NCs, 314 mg of platinum 
acetylacetonate was dissolved in 40 mL of trioctylamine, 10.9 mL of oleylamine, 2.6 mL 
of oleic acid, and 0.9 mL of trioctylphosphine. The reaction mixture was kept under 
vacuum at 80 °C for 30 minutes and then heated up to 300 °C at a rate of 10 °C/min. 
After 30 minutes, the reaction mixture cooled down to room temperature. After then, into 
the reaction mixture, 40 mL of toluene was added. The mixture was divided into 6 
centrifuge tubes (50 mL) and 30 mL of isopropanol and 5 mL of ethanol were added. 
After 2 minutes of centrifugation at 6000 rpm, the supernatant was removed and the 
precipitate was able to be re-dispersed in hexane or toluene. After washing the excess 
amount of oleic acid, oleylamine, and trioctylamine by isopropanol, the NCs were 
dispersed in toluene. 
                                                 

 Note: The nanocrystal catalysts were prepared and characterized by Hongseok Yun from Professor 
Christopher B. Murray’s lab, Department of Chemistry, University of Pennsylvania. 
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From the Transmission Electron Microscope (TEM) images of NCs in Figure 5.1, 
the average diameters of NCs were 2.4 nm, 3.2 nm, and 3.7 nm with less than 8% of size 
distribution for Pt, Pt3Co, and Pt3Co2 NCs, respectively. A superlattice structure for each 
composition of NCs was observed, indicating the high monodispersity of these NCs. 
Wide angle x-ray scattering data show that all the NCs possess face-centered cubic (fcc) 
crystal structure as displayed in Figure 5.1d. The compositions of NCs were confirmed 
by Inductively Coupled Plasma Optical Emission Spectrometry (ICP-OES).  
 
Figure 5.1:The TEM images of a) Pt NCs, b) Pt3Co NCs, and c) Pt3Co2 NCs, after 
removing the solvent. d) Wide angle x-ray scattering data of Pt (red), Pt3Co 
(green), and Pt3Co2 (blue). The scale bars in the insets represent 2 nm.  
 
The NCs are dispersed into carbon support to prepare 10 weight % of metals on 
carbon. Ligand treatment procedures are then applied to remove organic compound on 
the NCs surface, such as oleic acid and oleylamine, which may inhibit the catalytic 
reactions due to the limited access of reactants to the binding sites on the NC surface. 
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Details of the ligand treatment procedures are mentioned in Chapter 2. Evidence of TEM 
images, see Figure 5.2, show no change of the NCs particle size before and after ligand 
removal. Also, from wide angle x-ray scattering study, it is confirmed that the phase of 
Pt3Co and Pt3Co2 is not transformed from disordered FCC to ordered FCT structure. 
Therefore, the potential effects of crystal structure ordering on the catalytic activity and 
attribute any difference to the compositional effect can be eluded [61]. 
 
Figure 5.2: TEM images of as-synthesized NC catalyst on carbon support, after surface 
treatment, and after reaction. 
 
The metal dispersions were determined volumetrically using CO adsorption 
uptakes at room temperature on Al2O3 supported catalysts. CO chemisorption 
experiments were performed on alumina supported NCs in order to avoid sorption 
problems related to active carbon supports[62]. 0.1 g Catalyst was loaded into a sample 
cell, evacuated at 400
o
C and reduced for 30 minutes at 250
o
C or 400
o
C in 200 Torr of H2. 
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Finally, the sample was evacuated and cooled to room temperature. CO uptakes were 
then determined by adding small pulses of CO until a rise in the pressure of the sample 
cell was detected. In determining the NCs dispersion, an adsorption stoichiometry of one 
CO molecule per surface Pt was assumed [63]. Chemisorption of CO on Co was not 
included in the calculation of the dispersion because control experiments on Co/Al2O3 
catalysts prepared by impregnation method reduced at 400°C did not show any CO 
adsorption. 
5.2.2 Liquid-phase HDO in a flow reactor 
The three-phase reactions were carried out in a continuous flow reactor that has 
been described in Chapter 2. The carbon balance from GC analysis was always better 
than 95% in this study. The typical time for an experiment was 4 h. In order to investigate 
the catalyst stability, time on stream experiments were also performed over Pt3Co2/C and 
Pt/C NCs catalysts under 33 bar and 160
 o
C for 14 h. For the conditions of this study, no 
reaction was observed in the absence of a catalyst in the flow reactor. 
5.2.3 X-ray Absorption Measurements

 
X-ray absorption measurements were performed at the beamline 5BM-D at the 
Advanced Photon Source, Argonne National Laboratory. Catalyst samples were diluted 
with boron nitride and pressed into pellets in a six-well sample holder.  The catalysts 
were reduced at 250 
o
C (pre-treatment temperature) and 400 
o
C (higher than the 
pretreatment temperature) for 1 h (ramp rate 5 
o
C min
-1
) under atmospheric pressure in a 
                                                 

 Note: The X-ray Absorption measurement was operated by Konstantinos Goulas from Professor Dionisios 
G. Vlachos’ lab, Department of Chemical & Biomolecular Engineering, University of Delaware. 
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40 ml min
-1
 hydrogen flow prior to measurement at ambient temperature under hydrogen. 
Data processing was done using the program Athena of the Demeter suite. Fitting of the 
EXAFS oscillations was done using the Artemis program of the same suite. For the Pt L3 
edge, oscillations were fitted using the Fourier transform (FT) from wavenumbers k = 3 
Å
-1
 to k = 12 Å
-1
 and R = 1.6 Å to 3.3 Å while for the Co K edge, oscillations were fitted 
using a FT from wavenumbers k = 3 Å
-1
 to k = 12 Å
-1
, and R = 1.4 Å to R = 3.2 Å. 
Amplitude reduction factors were calculated using the EXAFS spectrum of the Pt or Co 
foils and assuming a coordination number (CN) equal to 12. A single Debye-Waller 
factor was used for all scattering paths.  
5.2.4 Density functional theory (DFT) calculations

 
Spin-polarized density functional theory calculations have been carried out under 
the generalized gradient approximation using VASP software [64–66]. Kohn-Sham 
eigenstates have been expanded in a plane wave basis set with a kinetic energy cutoff of 
400 eV. Sampling of the first Brillouin zone has been carried out according to the 
Monkhurst-Pack [67] 3x3x1 k-point mesh. The initial magnetic moment of Co atoms has 
been set to 2.0 Bohr-magnetons. Exchange, correlation, and dispersion effects have been 
approximated with a PBE-D3 [68,69] functional. Threshold value for maximum atomic 
forces has been set to 0.05 eV/Å. Transition states have been identified via a climbing-
image nudged elastic band (CINEB) and/or a dimer [70–73] method with the forces’ 
tolerance set to 0.1 eV/Å. A honeycomb Co3O2 on a Pt-rich metallic core has been 
                                                 

 Note: DFT calculation was done by Alexander V. Mironenko from Professor Dionisios G. Vlachos’ lab, 
Department of Chemical & Biomolecular Engineering, University of Delaware. 
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modeled as a  Co3O2/Pt(111) surface using a (4x4) supercell with a honeycomb Co3O2 
structure placed on top of three Pt layers (bottom two were fixed).A finite difference 
method was used to calculate selected vibrational frequencies. Throughout the paper, 
DFT energies in a vacuum are reported, unless stated otherwise. 
5.3 Results  
5.3.1 HDO Studies 
   
                       (a)                                                                     (b) 
 
                       (c)                                                                         
Figure 5.3: Conversion and product distribution for the HDO reaction of HMF over (a) 
10-wt% Pt/C, (b) 10-wt% Pt3Co/C, (c) 10-wt% Pt3Co2/C, as a function of 
reactor space time. Reaction conditions: 33 bar and 120 ºC. () HMF 
conversion, () product group B, () DMF, () product group D 
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Previous studies on carbon-supported Pt and Co catalysts have shown that 
hydrodeoxygenation of HMF to DMF is a series reaction [57], proceeding as indicated in 
Scheme 3.1. The HMF (A) first reacts to a group of partially hydrogenated intermediate 
compounds (B), including EFA, EMF, MF, HMMF and BHMF. These intermediate 
compounds can all be converted to DMF (C), which in turn reacts to over-hydrogenated 
products (D), DMTHF, 2-hexanone, 2-hexanol, 2,5-hexanedione, and their etherification 
derivatives, 2-propoxyhexane and 2,5-dipropoxyhexane. 
 
Table 5.1: Yields of partially hydrogenated compounds for HDO of HMF at 120 ºC and 
33 bar. 
Catalyst W/F (g·min/mL) MF HMMF BHMF EMF EFA BEF 
Pt 
0.0625 1.3 0 3.7 3.8 25.4 3.4 
0.25 0 0 2.1 2.7 17.0 2.7 
1 0 0 0 0 6.8 0 
Pt3Co 
0.0625 0.8 0 4.8 3.2 23.5 2.6 
0.25 0 1.6 2.1 2.3 11.9 2.9 
1 0 0.8 0 0 5.2 0 
Pt3Co2 
0.0625 3.0 0 2.6 4.0 10.1 3.1 
0.25 2.3 2.4 11.5 3.7 14.2 4.0 
1 1.7 6.3 11.4 3.6 9.2 0 
 
Figure 5.3a), which is a plot of the conversion and product yield as a function of 
space time on the 10-wt% Pt/C catalyst prepared from Pt NCs, shows that Scheme 3.1 
also applies to reaction of HMF in this case. These experiments were carried out at 
120°C, a significantly lower temperature than that used in a previous study with Pt 
catalysts prepared by infiltration of metal salts, because the NCs catalysts were much 
more active. Even for the shortest space time and at this low temperature, the HMF 
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conversion was greater than 65%. Initially, partially hydrogenated products, B, were 
formed in the highest yields, but these declined steadily with increasing space time. DMF 
yield initially increased, then decreased, providing strong evidence that DMF is an 
intermediate product in a series reaction. The maximum yield was approximately 41%. 
Over-hydrogenated compounds, D, only formed at higher space times, indicating that 
they are not primary products. The fact that their formation follows the consumption of 
DMF strongly suggests they are formed from DMF. A detailed analysis of the partially 
hydrogenated (B) and over-hydrogenated (D) compounds is given in the Table 5.1 and 
Figure 5.4. The HDO of HMF over Co/C has been reported in a previous study [57]. The 
products formed as a function of space time were similar to that formed over Pt catalysts. 
Co itself is not selective to DMF, due to the formation of the over-hydrogenated product, 
2,5-hexanedione, at high space times. Similar experiments were performed on the 10 wt-
% Pt-Co, NCs catalysts, with Pt:Co ratios of 3:1 and 3:2. Data at 120°C and 33 bar are 
shown in Figure 5.3b) and 5.3c). For a given space time, the HMF conversions over the 
Pt3Co in Figure 5.3b) were slightly lower than that obtained on the pure Pt NCs; but the 
initial products were the same partially hydrogenated compounds, B (see Table 5.1), with 
these again being converted to DMF at a similar rate. However, on the Pt3Co catalyst, the 
DMF yield continued to increase, to a value of 75%; and only relatively small quantities 
of over-hydrogenated compounds, D, were formed at the largest space times. The activity 
of the Pt3Co2 catalyst was noticeably lower than that of the other two samples, and 100% 
conversion of HMF was achieved only at the highest space time. Because of the lower 
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activity, the DMF yield was still increasing at the highest space time and the production 
of D-group compounds was negligible.  
 
                       (a)                                                                   (b) 
 
                      (c)                                                                           
Figure 5.4: Yields of over-hydrogenated compounds as a function of space time at 33 bar 
and 120 ºC: (a) 10-wt% Pt/C, (b) 10-wt% Pt3Co/C, (c) 10-wt% Pt3Co2/C. () 
DMTHF, () 2-hexanone, 2-hexanol and 2-propoxyhexane, () 2,5-
hexandione, 2,5-dipropoxyhexane, () hexane, () unidentified 
 
Due to the lower rates on the Pt-Co catalysts, additional reaction measurements 
were performed at 160°C and 33 bar in order to determine the evolution of products, with 
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results shown in Figure 5.5. As shown in Figure 5.5a), the HMF conversion was nearly 
90% on the Pt3Co sample, even at the lowest space time. The B-products again decline 
steadily with time but DMF yield went through a maximum of about 75% at this 
temperature, with over-hydrogenated products being produced from the DMF. However, 
results for the Pt3Co2 sample in Figure 5.5b) show the DMF yields continuing to increase, 
up to 98%.  
 
 
       (a)                                                             (b) 
Figure 5.5: Conversion and product distribution for the HDO reaction of HMF over (a) 
10-wt% Pt3Co/C, (b) 10-wt% Pt3Co2/C, as a function of reactor space time. 
Reaction conditions: 33 bar and 160 ºC. () HMF conversion, () product 
group B, () DMF, () product group D 
 
The Pt3Co2 sample was also very stable compared to the Pt catalyst. Figure 5.6 
shows the HMF conversion and DMF yield for the two catalysts as a function of time at 
160°C and a space of 1.0 g·min/mL. The Pt-Co catalysts has no observable deactivation 
or change in selectivity for a period of at least 14 h. By contrast, the Pt/C deactivated 
rapidly under these same conditions. It should be noted that Pt/C catalyst was highly 
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active under these conditions, so that the low initial yield is due to the “over-reaction” of 
DMF to over-hydrogenated (D) compounds. The increasing yield with short times results 
from the lower catalyst activity. In addition to the stability against coking, the alloy 
catalyst is also more thermally stable [74]. Figure 5.2 has shows TEM images for Pt and 
PtCo catalysts after 5 hours reaction at 160°C. The average size of Pt NCs increased and 
some aggregates formed, while the size and shape of Pt3Co2 NCs remained unchanged. 
Statistical particle size analysis indicated that, Pt NCs underwent morphological changes, 
with the average particle size increasing from 2.4 nm to 3.5 nm and a significant size 
distribution change from 7.3 % to 19 %. By contrast, Pt3Co2 NCs showed almost no 
morphological change. The average size of the particles was unaffected and the size 
distribution increased only slightly from 7.3 % to 10 %.  
 
Figure 5.6: Time on stream measurements for HMF hydrodeoxygenation. Reaction 
conditions: 33 bar, 160 ºC, W/F 1.0 g·min/mL. () HMF conversion over 
10-wt% Pt3Co2/C, () DMF yield over 10-wt% Pt3Co2/C,  () HMF 
conversion over 10-wt% Pt/C, () DMF yield over 10-wt% Pt/C 
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                         (a)                                                                   (b) 
 
                         (c)                                                                            
Figure 5.7: Conversion and product distribution for the reaction of DMF as a function of 
space time at 33 bar: (a) 10-wt% Pt/C at 120 ºC; (b) 10-wt% Pt3Co/C at 160 
ºC, (c) 10-wt% Pt3Co2/C at 160 ºC. () DMF conversion, () DMTHF, () 
2-hexanone, 2-hexanol and 2-propoxyhexane, () 2,5-hexandione, 2,5-
dipropoxyhexane, () hexane 
 
The results in Figure 5.3 and Figure 5.5 indicate that Co alloying with Pt has a 
modest effect on HDO rates for HMF but strongly suppresses reactions of DMF. To 
investigate this in more detail, the reaction of DMF on the same three catalysts was 
examined, with conversions and product distributions shown in Figure 5.7. The reactions 
were again carried out at 33 bar and either 120°C (for Pt) or 160°C (for the Pt-Co alloys), 
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using 1-propanol solutions with the same DMF molarity as that used in the HMF 
experiments. Because water is formed in the reaction of HMF, these experiments do not 
perfectly mimic the sequential reaction found in HMF; however, some water was also 
formed in the DMF reaction measurements by dehydration of the alcohols to form di-
propyl ether.  
As shown in Figure 5.7a), DMF is converted rapidly on Pt/C, even at 120°C. The 
main products are the open-ring ketones and ethers, the products that were also formed at 
high space times for the reaction of HMF (see Figure 5.4). The reaction of DMF on the 
Pt-Co catalysts was carried out at 160°C because of their lower activities. Even at this 
higher temperature, DMF conversions on the Pt3Co sample were lower than that observed 
on the Pt catalyst, although still significant. The products on the Pt3Co catalyst were 
essentially the same as that observed on Pt. However, the conversion of DMF on the 
Pt3Co2 sample at 160°C, shown in Figure 5.7c), was very low for all space times, 
reaching a value of only 10% at a space time of 1.0 g·min/mL.  
5.3.2 Characterization 
In order to understand the role of Co for high HMF-to-DMF selectivity and 
elucidate the nature of the active site, a combination of microscopic, spectroscopic, and 
computational tools were employed, as discussed below. First, the compositions of all the 
NCs samples were checked by Inductively Coupled Plasma/Mass Spectroscopy (ICP-
MS) and found to agree with the quoted compositions. Second, the NCs were of uniform 
size, with an FCC structure, as shown by the TEM and wide angle x-ray scattering results 
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in Figure 5.1. The uniformity of the particle sizes is demonstrated by the particles 
packing in regular hexagonal lattices. Wide angle x-ray scattering data (Figure 5.1d) 
show that the (220) peak shifts from 67.6° for Pt NCs to 68.2° and 68.4° for Pt3Co and 
Pt3Co2, indicating the replacement of Pt by Co in the lattice structure. The lattice 
constants of the NCs, determined from the position of the (220) peak on the x-ray 
scattering patterns, are 3.92, 3.87, and 3.87 Å for Pt, Pt3Co, and Pt3Co2 NCs, respectively. 
Using Vegard’s law, the bulk Co fraction in the Pt3Co and Pt3Co2 NCs is estimated to be 
13.4 mol.%. The fact that the bulk Co fraction is lower than that of the alloy 
stoichiometry is an initial indication of Co segregation.  
 
Figure 5.8: (a) Pt L3 edge XANES. Pt foil(red), Pt3Co2 reduced at 250 ºC (blue) and 
Pt3Co2 reduced at 400 ºC (black). (b) Co K edge XANES. Co foil standard 
(black), CoO standard (red), Pt3Co2 reduced at 250 ºC (yellow) and Pt3Co2 
reduced at 400 ºC (green). 
 
The local environments of the Pt and Co atoms were further investigated using X-
Ray Absorption Spectroscopy (XAS). The Pt L3 near-edge spectra of Pt3Co2 samples 
reduced in H2 at 250 and 400
o
C are shown in Figure 5.8a), together with the Co K near-
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edge spectra (Figure 5.8b)). On the Pt edge, the white line and edge positions of the alloy 
coincide with those of the Pt foil for both reduction temperatures, demonstrating that the 
Pt is fully reduced in all cases. However, the Extended X-Ray Absorption Fine Structure 
(EXAFS) on the Pt edge suggests that there is surface segregation of Co in the Pt-Co 
alloy particles, as the Pt:Co ratio in the Pt coordination sphere (3.1 ± 0.6) is greater than 
the nominal. Considering the fact that the cobalt precursor was injected at 170 °C in the 
synthesis, it is reasonable that the Pt-Co alloy NCs had cobalt rich shell, because 
platinum precursor can be decomposed and nucleated at lower temperature, which 
possibly formed the core of NCs. The Co edge EXAFS was not fitted for the sample 
reduced at 250 
o
C, as the variables required to completely describe the structure are 
greater than the number of available independent data points. After reduction at 400°C, 
the Pt:Co ratio in the Pt coordination sphere is closer to the nominal (2.1 ± 0.4), 
consistent with at least partial reverse Co segregation to the bulk. A similar reverse 
segregation phenomenon has been reported previously for PtNi nanoparticles [75]. 
The X-Ray Absorption Near Edge Spectra (XANES) of the Co K edge, reported 
in Figure 5.8b), provides further information on the nature of the alloy NCs. First, the 
spectra indicate that Co remains partially oxidized, even after reduction at 400°C. Using a 
linear combination of spectra from CoO and Co standards to fit the results for the alloy 
catalyst, the average Co oxidation states after reduction at 250°C and 400
 
°C were 1.2 
(60% CoO) and 0.72 (36% CoO), respectively. Surface oxygen is known to induce Co 
surface segregation in a Pt-Co alloy [76]. In turn, Co forms a surface monolayer oxide 
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with properties distinct from those of the bulk CoO [77]. As step sites constitute ca. 30% 
of all surface sites for 3-4 nm nanoparticles [78] and tend to stay more oxidized than 
terraces [79], 30% of surface sites were assumed to be composed of Co in the +2 
oxidation state. Following an analogous Fe3O2/Pt(111) structure observed using STM 
[80], the rest of the monolayer surface oxide is considered to be Co3O2 with a honeycomb 
structure on a Pt-Co metallic core as a nanoparticle model (Figure 5.9a)).  
 
Figure 5.9: (a) Pt3Co2 nanocrystal model involving an alloy core (88% Pt, 12% Co based 
on XRD) covered with a Co3O2 surface oxide monolayer with a honeycomb 
structure; (b) and (c) correspond to Pt and Pt3Co NC models. 
 
Table 5.2: Average coordination numbers and Co oxidation states for Pt3Co2 NCs 
reduced at 250
o
C, determined by X-ray absorption spectroscopy and estimated 
using a spherical core/shell NC model with planes covered by a Co3O2 surface 
oxide monolayer (70%) and step sites covered by CoO (30%).  
 XAS/XRD data Geometric Model 
Co oxidation state 1.20
1 
1.18 
Pt-Co CN 2.88
1
 ± 0.44
 
2.92 
Pt-Pt CN 8.98
1
 ± 0.57 8.91 
Co content in the bulk alloy, % 13.4
2
 14.4 
1
XAS data regression;  
2
XRD analysis (Vegard’s law); CN stands for “coordination 
number”. 
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Table 5.2 compares XAS/XRD results with geometric estimates of the alloy 
core/oxide shell spherical nanoparticle model. Overall, the model exhibits excellent 
agreement with our experimental data, particularly given the approximations invoked. An 
average Co oxidation state of 1.18 was predicted, close to the experimental estimated 
value of 1.20. The low Co oxidation state is consistent with an O:Co atomic ratio of less 
than 1 on the majority of surface sites. In contrast, a previously observed surface oxide 
with CoO stoichiometry [77] would yield an average oxidation state >1.5, different from 
the XANES results. The predicted Co content in the bulk alloy (14.4 mol. %) is close to 
the Vegard’s law estimation from XRD (13.4 mol. %). The experimental and geometric 
Pt-Co and Pt-Pt CNs agree well. The XAS data demonstrate that Pt3Co2 NCs, reduced at 
250°C, consist of a Pt-rich core with the majority of Co segregated to the surface, 
forming a CoOx surface oxide shell. The Co3O2 honeycomb monolayer as a dominant 
surface structure is consistent with XAS results. 
Further evidence for Co3O2 surface oxide formation comes from CO 
chemisorption measurements on NCs supported on γ-Al2O3, shown in Table 5.3. After 
reduction at 250°C, CO adsorption on the Pt3Co2 NCs is negligible, consistent with the Pt 
atoms being covered. After 400°C reduction, CO chemisorption is comparable to what 
was observed with Pt NCs, due to reverse segregation of Co to the bulk.  DFT results 
indicate that CO interacts weakly with Co3O2/Pt(111) compared to Pt(111) (ca -0.7 vs. ~-
2 eV binding energy [80], respectively), consistent with the lack of CO adsorption. A 
similar in magnitude CO binding energy was correlated with no CO adsorption in XPS 
75 
 
measurements on Fe3O2/Pt(111) honeycomb structure [80]. The importance of a Co3O2 
overlayer structure is further supported from DFT calculations, discussed next. 
 
Table 5.3: Metal dispersions of alumina supported catalysts after 250
o
C and 400
o
C 
reduction, assuming CO/Pt=1 and no CO adsorption on Co atoms. 
Sample Dispersion (250°C reduction) Dispersion (400°C reduction) 
1-wt% Pt/Al2O3 19.4 % 12.6% 
1-wt% Pt3Co2/Al2O3 0 % 8.8 % 
 
5.3.3 Theoretical insights into the reaction mechanism, catalyst composition effects, and 
catalyst stability 
DFT calculations were performed in order to understand the mechanism of the 
HDO reaction, catalyst stability issues, and the differences among the three catalysts (Pt, 
Pt3Co, and Pt3Co2). Regarding the reaction mechanism on the Pt3Co2 catalyst, the 
calculations showed that the Co3O2 honeycomb monolayer supported on the Pt rich core 
is capable of catalyzing key reaction steps involved in the HMF to DMF conversion. The 
overall reaction is assumed to proceed via the following steps: 1) H2 dissociation, 2) C=O 
hydrogenation, and 3) selective HDO with concomitant oxygen removal from the surface 
in the form of water. It is worth noting that the EFA, one of the B intermediates, is not 
considered in our calculations. The ether intermediates are formed by etherification with 
solvent molecules, and including them would greatly complicate the calculations. 
Moreover, the HDO reaction is not significantly affected by formation of the ether 
products, as shown in a previous study [57]. The H2 dissociation step can occur via 
several homolytic and heterolytic dissociation paths. The calculations indicate that 
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homolytic splitting of a weakly physisorbed H2 molecule (-0.1 eV binding energy) over a 
single Co atom is most energetically favorable (a 0.7 eV reaction barrier). The final state 
(0.3 eV more stable than gaseous H2) entails both H atoms bound to Co and Pt atoms in 
bridging configurations. 
Prior to the C=O hydrogenation step, HMF weakly adsorbs on the surface (-0.8 
eV BE); hydrogenation of the C=O carbonyl group exhibits a low reaction barrier when it 
is weakly bound to the surface [81,82]. Specifically, a concerted addition of two H atoms 
to HMF occurs with a 0.8 eV barrier, yielding BHMF. The overall hydrogenation is 
exothermic (reaction energy of -0.6 eV). BHMF can either desorb (0.9 eV desorption 
energy) or undergo HDO, ultimately forming DMF. 
 
Figure 5.10: Reaction mechanism of BHMF hydrodeoxygenation to HMMF on the 
Co3O2/Pt(111) surface. DFT reaction barriers (energies) are given in eV. 
The inset depicts a portion of a Co3O2/Pt(111) surface. Two Co atoms 
participating in C-O bond activation are encircled with a white ellipsoid. 
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The subsequent HDO mechanism of BHMF on the Pt-rich particle with Co3O2 
coating is radical in nature, and is depicted in Figure 5.10. A similar mechanism of 
furfural HDO to form 2-methyl furan on a Ru/RuO2 catalyst was found to be consistent 
with a range of experimental and computational data. BHMF undergoes C-O bond 
scission on a honeycomb edge site consisting of two Co atoms, forming a loosely bound 
radical and an OH group, with a reaction energy of +0.9 eV and a barrier of 1.2 eV. Next, 
a hydrogen atom transfers from the OH to the radical, yielding HMMF and a 
chemisorbed oxygen atom. C-O scission occurs similarly on the second hydroxymethyl 
group (not shown), forming DMF as the final product. The chemisorbed O atom (+1.7 eV 
binding energy with respect to H2 and H2O) reacts rapidly with H2 (a -1.2 eV exothermic 
dissociative adsorption with a 0.3 eV barrier) to form co-adsorbed OH and H that 
subsequently recombine with a 0.2 eV barrier (-0.9 eV reaction energy) to form water. 
Finally, water desorbs with a +0.4 eV energy to complete the catalytic cycle.  
HMF, BHMF, HMMF, and DMF weakly interact with the Co3O2 surface (~ -0.8 
eV BE, dominated by dispersion forces [83], as opposed to chemisorption on metal atoms 
with BE of the order of -2 eV [84]), largely retaining a gaseous-like molecular geometry. 
The absence of covalent bonding of the ring with the metal surface is key to rationalizing 
the high selectivity of the catalyst, because opening of the furanic ring and 
decarbonylation require strong chemisorption of the furan ring in a flat geometry, with 
partial sp
2sp3 re-hybridization of ring carbon atoms [85–90].  Lack of covalent bonding 
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between the ring with the Co3O2 oxide protects the ring from further side reactions and 
explains the low reactivity of DMF. The Co3O2 surface layer is capable of catalyzing C-O 
bond hydrogenolysis in HMF that leads to selective production of DMF.  
In order to assess the catalyst stability at a H2-rich environment, the rate of 
initiation of Co3O2 reduction was calculated via vacancy formation. Under experimental 
HDO conditions (160
o
C, 33 bar H2), the vacancy formation rate is a factor of 2 lower 
than under in situ XAS conditions (250
o
C, 1 bar H2). Furthermore, the vacancy, once 
formed, is easily reoxidized by BHMF-to-HMMF reactions. This analysis provides a 
rationalization as to why the Co3O2 surface oxide is stable in a reducing reaction 
environment. 
In contrast to the highly selective, oxide-covered Pt3Co2 catalyst, Pt carries out 
facile hydrogenation of the C=O group to BHMF, but dehydroxylates BHMF to form 
DMF slowly. Furthermore, the DMF ring interacts strongly with Pt, promoting ring 
hydrogenation and ring opening with barriers which are lower than that of the 
dehydroxylation reaction. The computed barriers for HDO of HMF are comparable to the 
barriers for ring hydrogenation and ring opening of DMF, consistent with the observation 
that selectivity to DMF is modest.  
Pt3Co NCs exhibit catalytic properties intermediate between Pt and Pt3Co2. 
Unlike the Pt3Co2 NCs, there are not enough Co atoms to completely cover the surface 
with an oxide monolayer; in this catalyst, the surface is predicted to consist of 1/2 Co 
oxide and ~1/2 Pt atoms. It is believed that this significant difference in structure exposes 
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Pt patches on the surface (Figure 5.9b)).  The presence of Pt sites at the surface leads to 
the partial non-selectivity of the Pt3Co catalyst. 
5.4 Discussion 
The development of better catalysts for HDO of HMF requires an understanding 
of the reaction mechanism. First, it is important to recognize that the reaction is 
sequential [55,57]. The poor selectivity that is observed with many metals is due to the 
fact that they further catalyze reactions of DMF, the desired product. While it is required 
that a catalyst has good activity for HDO of HMF, a selective catalyst must also be a poor 
catalyst for reactions of DMF. The sequential nature of the reaction also makes it 
essential that no part of the catalyst is nonselective. For reactions in which both the 
desired and side products form in parallel, having a small percentage of the catalyst 
surface showing a lower selectivity will not dramatically change the overall selectivity. 
With a sequential reaction, the nonselective part of the catalyst can have a much more 
dramatic effect. This has important consequences for alloy catalysts. While the catalyst 
based on Pt3Co2 NCs has the necessary properties to achieve very high selectivities, alloy 
catalysts prepared by conventional impregnation methods will not be so compositionally 
uniform. Both Pt and Co are individually are nonselective because they are active for 
reactions of DMF, so that any metal in the catalyst which is not in the form of an alloy 
will be nonselective. (Note: This is indeed observed. A Pt3Co2 catalyst prepared by 
incipient wetness of the metal salts showed poor control of particle size and composition 
and a maximum selectivity of less than 80% (see Figure 5.11)).  
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                         (a)                                                                   (b) 
Figure 5.11: (a) TEM images of 10-wt% Pt3Co2/C prepared by wet impregnation 
method. (b) Conversion and product distribution for the HDO reaction of 
HMF over impregnated 10-wt% Pt3Co2/C, as a function of reactor space 
time. Reaction conditions: 33 bar and 160 ºC. () HMF conversion, () 
product group B, () DMF, () product group D 
 
In this context, it is interesting to consider the work from Schüth and co-workers 
[39], who first reported extremely high selectivities for HDO of HMF with Pt-Co alloys. 
In their case, the highest selectivities were achieved when the metal particles were 
encapsulated in porous carbon spheres. It was suggested that those carbon spheres were 
important for achieving a high compositional uniformity in the particles.   
Control of the metal composition is essential in order to achieve good HDO 
selectivity. From the HDO studies, It was learned that Pt3Co was not as selective as 
Pt3Co2. The reason for this is the difference in particle surface structure. Pt3Co does not 
have enough Co atoms to completely cover the surface. The incomplete coverage of Co 
oxide leads to the presence of uncovered Pt sites, and therefore causes partial non-
selectivity of the Pt3Co catalyst. While it may be possible to increase the Co:Pt ratio 
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further, a catalyst with excess Co is likely to be unselective since monometallic Co 
catalysts are unselective [57].  Catalyst stability is equally important to activity and our 
results suggest that there is a direct correlation between stability and selectivity. The most 
serious and rapid deactivation in our experiments was due to coking which  must be 
caused by further reaction of overhydrogenated products, such as the 2,5-hexanedione. 
The Pt-Co alloy catalyst also seems to be more tolerant against sintering, possibly as a 
result of the core-shell structure.  
While the catalyst based on Pt3Co2 NCs exhibits excellent properties, it would 
obviously be beneficial to find a selective catalyst that did not require a precious metal. 
Investigations on the gas-phase reaction of furfural have shown that base-metal alloys can 
exhibit good selectivity for the HDO reaction to methylfuran over the decarbonylation 
reaction to form furan [41]. Also, a recent work demonstrated that there are many 
similarities between the reactions of furfural and HMF, with differences due mainly to 
the operating conditions typically employed for these reactions [91]. Therefore, it will be 
interesting to examine some of the compositions used in the furfural reactions for HDO 
of HMF.  
5.5 Conclusion 
High selectivity of DMF from liquid-phase HDO of HMF with H2 can be 
achieved over a well-controlled Pt-Co /C catalyst. In particular, 98% DMF yield was 
obtained over a Pt3Co2 catalyst with an optimized reaction temperature and space time. 
Recognizing the sequential nature of the HMF HDO reaction is the key for catalyst-
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development strategies. Noble metals interact strongly with the ring to promote side 
reactions. The fundamental principle behind the superior performance of Pt3Co2 is that 
the bimetallic catalyst forms a monolayer oxide on the surface of the metallic core that 
interacts weakly with the furan ring to prevent over-hydrogenation and ring opening of 
DMF to secondary by-products, while still forming active sites to carry out the HDO 
process. In this regard, composition control is crucial to cover the entire surface with an 
oxide layer and avoid exposed metallic patches that can promote side reactions. Given 
that HDO is commonly employed in biomass upgrading, the observations from this study 
could be used for the upgrade of other molecules, including bio-oil.  
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Chapter 6. Base Metal-Pt Alloys: A General Route to High Selectivity 
and Stability in the Production of Biofuels from HMF  
 
6.1 Introduction 
The work in Chapter 4 has shown that the yields of DMF from HDO of HMF over  
monometallic catalysts generally below 60%. There is considerable evidence that 
bimetallic catalysts can be more selective for HDO reactions. For example, in the gas-
phase reaction of furfural, Ni-Fe catalysts were found to exhibit good selectivity to 
methylfuran under conditions that resulted in the decarbonylation product, furan, over the 
monometallic Ni catalyst [41]. In another example involving the reaction of HMF, Wang 
et al. [39] reported that catalysts based on Pt-Co nanoparticles, encapsulated in hollow 
carbon spheres, could give DMF yields as high as 98%. This result on carbon-supported 
Pt-Co nanocrystals (NCs) has been recently confirmed, without the carbon hollow-
spheres, and further showed that the bimetallic catalysts exhibit much better stability than 
the monometallic catalysts [92]. The high selectivity of the Pt-Co catalysts resulted from 
the fact that DMF is unreactive over the bimetallic catalyst.  
It is not entirely clear why the bimetallic catalysts are more selective for HDO and 
the reasons may vary with the particular alloy or reactor conditions. Several studies have 
argued the high selectivities of the studied bimetallic catalysts are due to the oxophilicity 
of the secondary metal [41,93–95]. For example, Resasco and coworkers [41] observed 
that NiFe catalysts showed superior selectivity compared to Ni for the reaction of furfural 
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to methyl furan. Their theoretical calculations indicated that the oxophilic nature of Fe 
stabilizes the η2(C,O) configuration of the aldehyde carbonyl, weakening the C-O bond 
and suppressing the formation of acyl intermediates that undergo decarbonylation [41]. 
High selectivities have also been reported for HDO reactions over Pd-Cu alloys [96]. 
Although Cu is not oxophilic, DFT calculations suggested that Cu atoms at the surface 
repel the aromatic furan ring [97], causing furfural to preferentially adsorb in an η1(O)-
aldehyde configuration via the carbonyl oxygen. Such an orientation of the furan ring 
prevents side reactions on the ring itself [41,96,97]. Finally, the Pt-Co work in Chapter 5 
showed that Co tends to form a CoOx shell on a Pt-rich core and that this oxide layer 
prevents interactions between the Pt and the furan ring, enhancing DMF yields from 
HDO of HMF [92].    
In order to determine whether Pt-Co is unique among the Pt alloys in providing 
high selectivities for HDO of HMF, the present work examined the catalytic properties of 
other Pt alloys, including carbon-supported Pt-Ni, Pt-Zn, and Pt-Cu alloyed NCs prepared 
by solvothermal methods. While Ni is catalytically similar to Co, Zn and Cu have 
properties that contrast sharply with that of Co and provide a test for the properties 
required for high selectivities. Surprisingly, each of the alloys exhibited superior 
selectivities compared to the monometallic catalysts. By using bimetallic, NCs catalysts 
with highly uniform compositions and monodispersities, it was also able for us to 
demonstrate that there are optimal compositions for the alloy catalysts.  
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6.2 Experimental

 
Pt-Ni, Pt-Cu and Pt-Zn nanocrystal bimetallic catalysts were prepared by 
solvothermal methods mentioned in Chapter 2. The TEM images of NCs were collected 
on a JEOL JEM-1400 microscope operating at 120 kV and HRTEM on a JEOL JEM-
2100 operating at 200 kV. Particle-size distributions were determined by small-angle X-
ray scattering (SAXS) performed at Penn’s Multi-Angle X-ray Scattering Facility and 
analyzed by Datasqueeze software [98]. Sample collection time was 1 h. The average 
sizes and size distributions were presented as (diameter)±(standard deviation) nm. The 
elemental composition and concentration of NCs were determined by Inductively 
Coupled Plasma-Optical Emission spectrometry (ICP-OES) performed on a Spectro 
Genesis spectrometer with a concentric nebulizer. Powder X-ray diffraction (XRD) 
patterns were collected in the 2θ range between 20° and 80° on a Rigaku Smartlab high-
resolution diffractometer with Cu Kα radiation (λ = 0.15416 nm). The liquid-phase HDO 
of HMF was performed in a continuous flow reactor which has been described in Chapter 
2.  
6.3 Results  
6.3.1 Characterization of nanocrystal catalyst 
 
                                                 

 Note: The bimetallic nanocrystal catalysts were prepared and characterized by Jennifer D. Lee from 
Professor Christopher B. Murray’s lab, Department of Chemistry, University of Pennsylvania. 
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Figure 6.1: The TEM images of (a) Pt6Ni, (b) Pt3Ni and (c) PtNi NCs, the corresponding 
(d) SAXS patterns and (e) XRD patterns. Inset in (a) shows the HRTEM 
image of Pt6Ni NCs. The black lines in (d) represent the simulated ﬁts for the 
size of the catalyst. 
 
Nearly monodisperse Pt-based alloyed NCs with various compositions were 
synthesized by solvothermal method. TEM images of the Pt6Ni, Pt3Ni and PtNi NCs are 
shown in Figure 6.1a)-1c) and indicate that, in each case, the particles are uniform and 
spherical in shape. Based on the small-angle X-ray scattering (SAXS) data fitted to 
Rayleigh function (Figure 6.1d)), the average sizes and size distributions of the Pt6Ni, 
Pt3Ni, and PtNi NCs were 3.0±0.4, 3.0±0.6 and 6.0±0.8 nm, respectively. As shown in 
Figure 6.1e), the XRD patterns for each of the NCs showed a face-centered cubic (FCC) 
crystal structure, and shifts to higher angles in the peaks at 2 were observed for Pt6Ni 
and PtNi NCs, compared with the pure Pt NCs. This results from a contraction of the 
lattice based on the Vegard’s law [99] and is a good indication that the NCs are well-
mixed bimetallics. In the case of Pt3Ni NCs, the only observed 2 peak corresponds to 
the (111) plane. The absence of additional peaks suggests either polycrystallinity or the 
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presence of a high concentration of defects, as is often seen with NC systems [100]. 
There was essentially no change in the morphology or size of the NCs following their 
addition to the carbon support and their treatment to remove the ligands by plasma and 
thermal annealing.  
 
Figure 6.2: The TEM images of 10-wt% Pt6Ni NCs on carbon support (a) before and (b) 
after reaction. (c) SAXS patterns of Pt6Ni NCs in solution (red), 10-wt% 
Pt6Ni NCs on carbon support before (green) and after (blue) reaction, carbon 
support (black), and (d) the corresponding XRD patterns. The black lines in 
(c) represent the simulated ﬁts for the size of the catalyst. 
 
The Pt-Ni NC catalysts also exhibited good stability under HDO reaction 
conditions. Figure 6.2 shows TEM images of the catalysts based on Pt6Ni NCs before 
(Figure 6.2a)) and after (Figure 6.2b)) 5 h of HDO reaction. The thermal stability of NC 
catalysts was further confirmed by SAXS measurements (Figure 6.2c)). By subtracting 
out the scattering from carbon support (black curve) and performing fitting with Rayleigh 
function, the average sizes of Pt6Ni/C before (green curve) and after (blue curve) the 
functional testing were 4.1±0.8 and 4.1±0.7 nm, respectively. The results from SAXS 
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measurements indicate no change in the size of the NCs consistently with TEM 
observations. The XRD patterns (Figure 6.2d)) measured before (green curve) and after 
(blue curve) the catalyst was exposed to the reaction environment also indicated that 
there was no phase transformation from disordered FCC to ordered face-centered 
tetragonal (FCT) structure. The carbon support was measured as a control (black curve) 
and peaks near 25° and 43° correspond to graphite (002) and diamond (111) planes for 
Vulcan carbon supports [101]. The thermal stability of crystal structure makes it possible 
to exclude a contribution from structural ordering on the catalytic performance. 
 
Figure 6.3: The TEM images of (a) PtCu and (b) Pt2Zn NCs, the corresponding (c) 
SAXS patterns and (d) XRD patterns. The black lines in (c) represent the 
simulated ﬁts for the size of the catalyst. 
 
Similar characterization studies were performed with the catalysts prepared from 
PtCu and Pt2Zn NCs, with TEM images shown in Figure 6.3a) to 6.3b). The addition of a 
stronger reducing agent (BTB) resulted in smaller NCs than the ones prepared without 
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BTB, which is consistent as reported [19]. XRD patterns of the as-synthesized PtCu and 
Pt2Zn NCs also showed FCC structure (Figure 6.3d)). Based on SAXS data fitted to 
Rayleigh function (Figure 6.3c)), the average sizes and size distributions of the PtCu and 
Pt2Zn NCs are 6.6±1.2 and 2.6±0.6 nm, respectively. The catalyst characterizations 
discussed above indicate that the NCs synthesized by solvothermal methods were 
excellent subjects to study the bimetallic catalyst composition dependent HDO of HMF. 
6.3.2 Hydrodeoxygenation of HMF in a continuous flow reactor 
In previous studies, it was showed that the HDO reaction for HMF in several 
alcohol solvents is a series reaction, with products forming as shown in Scheme 3.1. The 
HMF (A) is first converted to a group of partially hydrogenated intermediate species (B), 
including EFA, EMF, MF, HMMF, BHMF, and BEF. All these intermediates can react 
further to form DMF (C), which in turn reacts to over-hydrogenated products (D), such as 
DMTHF 2-hexanone, 2-hexanol, 2,5-hexanedione, and their etherification derivatives, 2-
propoxyhexane and 2,5-dipropoxyhexane. All of the studied monometallic catalysts, 
including carbon-supported Pt, Pd, Ir, Ru, Co, and Ni, were found to exhibit relatively 
poor selectivity for DMF formation [55,57,92]. DMF yields varied with the particular 
metal catalyst and the reaction conditions but were typically less than about 50%. The 
products formed by the further reaction of DMF also varied with the metal catalyst, with 
Pt tending to form open-ring products, primarily 2-hexanone and 2-propoxyhexanone 
[57].  
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Figure 6.4: Conversion and DMF yield for the HDO reaction of HMF over impregnated 
10-wt% monometallic catalyst, as a function of reactor space time. Reaction 
conditions: 33 bar and 180 ºC. () HMF conversion on Ni/C, () DMF yield 
on Ni/C, () HMF conversion on Co/C, () DMF yield on Co/C, () HMF 
conversion on Cu/C, () DMF yield on Cu/C. Zn/C catalysts did not show 
any activity (not reported). 
 
Figure 6.4 shows a comparison of HMF conversions and DMF yields at 180 °C 
and 33 bar total pressure for conventional Ni/C, Co/C, and Cu/C catalysts with 10-wt% 
metal. Results for Ni/C and Co/C are similar to what was reported previously [57]. Both 
catalysts show high conversions for even short residence times; and the DMF yield goes 
through a maximum of slightly more than 50% with increasing space time, decreasing 
with longer space times. The detailed product distributions are reported elsewhere [57], 
but the major over-hydrogenated product for both metals was 2,5-hexandione. By 
contrast, the Cu/C was much less active, with a maximum conversion of less than 40% at 
the longest space time studied. The only products formed over the Cu/C catalyst were 
those in the B group of Scheme 3.1, including MF, HMMF and BEF, with yields listed in 
Table 6.1. The low HDO activity observed over Cu agrees with previous literature 
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hydrogenation reactions of furfural over Cu catalysts, which shows that the reaction over 
Cu tends to stop with formation of furfuryl alcohol [15]. Zn/C catalysts did not show any 
activity for HDO of HMF under the conditions of this study. 
Table 6.1: Product distribution for HDO of HMF over 10-wt% impregnated Cu/C in 1-
propanol, under 180 ºC and 33 bar. (Yield %) 
W/F (g·min/mL) MF EMF EFA BEF 
0.5 1.8 0 <1 <1 
1 3.7 0 1.0 <1 
2 5.5 <1 1.6 2.3 
4 10.5 2.6 2.2 4.2 
8 21.2 4.5 2.2 7.4 
 
The previous study has showed that the bimetallic catalyst, Pt-Co, can be highly 
selective for production of DMF, with 98% yield with optimized metal composition and 
reaction conditions [92]. The high selectivity in that case was the result of DMF being 
unreactive, so that the sequential reaction stopped at DMF. Furthermore, because both Pt 
and Co are able to catalyze the reaction of DMF to over-hydrogenated products, 
exceptional selectivity was only observed when the bimetallic NCs were prepared by 
solvothermal synthesis. Bimetallic catalysts prepared by conventional infiltration of the 
metal salts were less selective due to non-uniformities in the local composition of the 
metal particles.  
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                       (a)                                                                   (b) 
 
                       (c)                    
Figure 6.5: Conversion and product distribution for the HDO reaction of HMF over (a) 
10-wt% Pt6Ni/C, (b) 10-wt% Pt3Ni/C, (c) 10-wt% PtNi/C, as a function of 
reactor space time. Reaction conditions: 33 bar and 160 ºC. () HMF 
conversion, () product group B, () DMF, () product group D  
 
To determine how other bimetallic catalysts would perform in comparison to Pt-
Co, similar experiments were performed over the Pt-Ni, Pt-Cu, and Pt-Zn bimetallic 
catalysts. Figure 6.5 reports the HMF conversion and product yields as a function of 
space time for the three Pt-Ni/C catalyst at 160 °C and 33 bar. The results are 
qualitatively similar for all three Pt-Ni catalysts, although the Pt3Ni/C catalyst in Figure 
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6.5b) showed somewhat lower conversions. In general, HMF conversion increased 
steadily with space time, while partially hydrogenated products (B group) yield 
diminished in favor of DMF formation. Except for Pt3Ni/C, DMF yield reached a value 
of 80-90% before decreasing due to over-hydrogenated products (D group) formation. 
The fact that the D products form at the same space times for which DMF yields begin to 
decrease suggests that they are formed from DMF. The major D product observed with 
the Pt6Ni/C catalyst was 2-hexanone, the same major product formed on Pt catalysts 
[55,57], while with PtNi/C 2,5-hexandione was observed, which was also the primary 
product formed on Ni/C catalysts [57]. Interestingly, no over-hydrogenated products were 
observed on the Pt3Ni/C catalyst for even the highest space time examined. A more 
detailed analysis of the B and D compounds yield is given in the Table 6.2.  
 
Table 6.2a: B and D group product distribution for HDO of HMF over 10-wt% Pt6Ni/C 
in 1-propanol, under 160 ºC and 33 bar. (Yield %) 
W/F (g·min/mL) 
B group products  D group products 
MF EFA BEF  DMTHF hexanone hexanol hexandione 
0.0625 2.9 11.1 3.0  0 0 0 <1 
0.125 2.4 12.4 3.7  0 0 0 1.6 
0.25 2.3 11.6 2.1  0 0 0 2.6 
0.5 0 6.7 2.1  <1 <1 0 2. 8 
1 0 3.0 0  2.8 3.5 3.0 3.9 
 
  
94 
 
Table 6.3b: B and D group product distribution for HDO of HMF over 10-wt% Pt3Ni/C 
in 1-propanol, under 160 ºC and 33 bar. (Yield %) 
W/F (g·min/mL) 
B group products  D group products 
MF EFA BEF  hexandione 
0.0625 3.1 6.1 4.8  0 
0.125 1.7 11.3 5.2  0 
0.25 2.3 14.2 2.3  0 
0.5 2.4 14.1 1.5  <1 
1 2.0 6.3 <1  <1 
 
Table 6.4c: B and D group product distribution for HDO of HMF over 10-wt% PtNi/C in 
1-propanol, under 160 ºC and 33 bar. (Yield %) 
W/F (g·min/mL) 
B group products  D group products 
MF EFA BEF  DMTHF hexandione 
0.0625 6.3 2.5 7.2  0 0 
0.125 9.7 4.5 7.4  0 0 
0.25 0 0 5.4  0 3.8 
0.5 0 0 1.3  <1 6.3 
1 0 0 0  11.5 5.8 
 
Because the conversions for the Pt3Ni/C were low at 160 °C, additional 
measurements were performed on this catalyst at 200 °C, with results reported in Figure 
6.6. At this temperature, the conversions of HMF were much higher. Furthermore, DMF 
yields reached 98% at the higher space times. It is not likely that the higher yields are due 
to the increase in temperature. In addition to the fact that previous work indicated that 
selectivities are not very different between 100 and 200 °C [55,92], one would expect the 
reaction of DMF to over-hydrogenated products to increase with temperature. The 
maximum in the yield as a function of space time in Figure 6.6 is clearly less steep than 
that found for Pt6Ni/C and PtNi/C catalysts. Furthermore, the Pt3Ni/C catalyst was 
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remarkably stable. There was no observable change in either the conversion or the DMF 
yield over a period of at least 5 h on the Pt3Ni/C catalyst, while significant changes in 
both were observed on Pt/C and Ni/C catalysts. The data in Figures 6.5 and 6.6 therefore 
indicate that the Pt-Ni catalysts are more selective and stable than their monometallic 
counterparts and that there is an optimum Pt:Ni ratio. 
 
 
Figure 6.6: Conversion and product distribution for the HDO reaction of HMF over 10-
wt% Pt3Ni/C, as a function of reactor space time. Reaction conditions: 33 bar 
and 200 ºC. () HMF conversion, () product group B, () DMF, () 
product group D  
 
Catalysts based on Pt-Zn and Pt-Cu bimetallic NCs were also investigated, with 
results shown in Figures 6.7 and 6.8. Because these catalysts were also less active than 
Pt/C, reactions were carried out at 200 °C and 33 bar. The results for 10-wt% Pt2Zn/C in 
Figure 6.7 are very similar to results for Pt3Ni/C, although the rates were slightly lower. 
Again, DMF yields as high as 98% were achieved at high space time, with negligible 
production of over-hydrogenated products. Similar performance was observed over the 
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PtCu/C catalyst, Figure 6.8, with DMF yields again reaching 96%. However, alloying the 
Pt with Cu did significantly decrease the rates.  
 
Figure 6.7: Conversion and product distribution for the HDO reaction of HMF over 10-
wt% Pt2Zn/C, as a function of reactor space time. Reaction conditions: 33 bar 
and 200 ºC. () HMF conversion, () product group B, () DMF, () 
product group D  
 
 
Figure 6.8: Conversion and product distribution for the HDO reaction of HMF over 10-
wt% PtCu/C, as a function of reactor space time. Reaction conditions: 33 bar 
and 200 ºC. () HMF conversion, () product group B, () DMF, () 
product group D  
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6.5 Discussion 
The results of the present study clearly demonstrate that the catalysts formed by 
alloying Pt with a number of metals can significantly increase the yields for the HDO 
reaction of HMF to DMF. In all cases, the increased yields result from a decreased 
reactivity of DMF to over-hydrogenated products. As pointed out in the Introduction, the 
alloying metals appear to do this in different ways but the net result in each case is that 
the alloying metal prevents the furan ring from lying down on the catalyst surface. With 
Pt-Co alloys, the furan ring is prevented from lying down on the surface by a “honey-
comb”, CoOx overlayer on the Pt [92]. Since Ni is more easily reduced than Co, the effect 
of Ni on the bonding of the furans on the Pt-Ni alloys is likely due to the oxophilicity of 
the Ni, similar to what was reported for the effect of Fe on Ni-Fe alloy catalysts [41]. 
With Cu and Zn, the role of the alloying metals may be to change the Pt ensemble size or 
otherwise change the way the DMF bonds to the metal surfaces [94,96]. 
It is interesting to notice that the selective alloy catalysts were also more stable. 
Previous work with monometallic catalysts based on Pt, Ni, and Co indicated that each 
showed significant deactivation over a period of three hours. Furthermore, deactivation 
appears to have been caused by coking, since the deactivation rates correlated with the 
carbon balances in the experiment. In the present study, there was no observable 
deactivation of a Pt3Ni/C catalyst, consistent with what was also observed for  a Pt3Co2 
catalyst [92]. The likely explanation is that coking in this reaction is caused by the over-
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hydrogenated products. The over-hydrogenated products include di-ketones, which tend 
to be highly reactive. 
With Pt-Ni and Pt-Co alloys, compositional uniformity of the catalyst is critical. 
Monometallic catalysts based on Pt, Ni, and Co are not selective because all three metals 
will catalyze the reaction of DMF to over-hydrogenated products [57]. Furthermore, the 
selectivity of the Pt-Ni and Pt-Co bimetallic catalysts depends on the Pt:Co [92] and 
Pt:Ni ratios. Synthesis of bimetallic catalysts by conventional methods in which the 
support is infiltrated with metal salts is not able to produce this uniformity, which is the 
reason the catalysts in this study are prepared by synthesizing uniform NCs in solution. 
With Pt alloys of Cu and Zn, it is likely that the uniformity will be less important, given 
that Cu and Zn are not active for the reaction of DMF. In this sense, alloy catalysts based 
on Cu and Zn could be easier to synthesize. 
6.5 Conclusion 
Carbon-supported, monometallic Pt and Ni catalysts exhibit relatively low 
selectivities for DMF in the HDO reaction of HMF because DMF is converted to ring-
opened or ring-hydrogenated byproducts. On the other hand, Zn and Cu catalysts are not 
active for HDO reactions. However, catalysts based on bimetallic Pt alloys with Ni, Zn, 
or Cu show significantly higher selectivity to DMF. With Pt-Ni alloys, controlling the 
local composition is critically important for achieving high DMF yields due to the non-
selectivity of the pure metals. Even though the effects of Ni, Zn, and Cu on Pt are 
expected to be very different, it is likely that each of the alloys modifies the bonding of 
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DMF so as to prevent the furan ring from lying down on the surface. This appears to be 
the critical factor in achieving high selectivity for HDO of HMF.  
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Chapter 7. The H2 Pressure Dependence of Hydrodeoxygenation 
Selectivities for Furfural over Pt/C Catalysts 
7.1 Introduction 
Furfural is another important platform chemical in biomass conversion, which has 
molecular structure similar to HMF. Furfural is formed during pyrolysis of biomass 
[102,103] and can be obtained in high yields from dehydration of C-5 sugars, such as 
xylose and arabinose [4,104]. It is potentially important as a fuel and for production of 
chemicals [105,106] but it requires some upgrading to reduce its reactivity. 
Hydrodeoxygenation (HDO) to 2-methylfuran (MF) [6,107] is attractive, since these 
require relatively small amounts of H2 while maintaining all of the carbon from the initial 
furfural. The present work was primarily interested in producing MF. MF has been 
proposed as a gasoline additive due to its high octane rating and low solubility in water. 
The reaction of MF with ethylene can also be used to produce toluene [35,108].  
Because furfural has a relatively high vapor pressure at modest temperatures, 
HDO of furfural can be performed in simple, vapor-phase reactions and much of the 
published work in this area has been performed in this way [41,56,109]. Decarbonylation 
to form furan is the major side reaction for essentially all metal catalysts and significant 
effort has gone into finding materials that show higher selectivities to MF, rather than 
producing furan [41,56,88,110]. Interestingly, decarbonylation is not reported to be a 
major side reaction in HDO studies of 5-hydroxymethylfurfural (HMF) [55,57], which 
would seem to be a very similar reaction. A major difference between HMF and furfural 
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is that HMF has a much lower vapor pressure, so that reaction studies of HMF are 
commonly performed at high H2 pressures with most of the HMF in the liquid phase, 
usually in the presence of a solvent [39,45,46]. Recent theoretical studies [85] have 
indicated that the furfural adsorption energy and conformation on metal catalysts can be 
profoundly changed by the hydrogen surface coverage, which in turn can affect the 
relative rates of hydrogenation and decarbonylation. Therefore, the fact that 
decarbonylation is observed in HDO of furfural, but not in HDO of HMF, may be due to 
differences in the reaction conditions. 
In this chapter, the effect of reaction conditions on HDO of furfural over a Pt/C 
catalyst was examined. The high-pressure, three-phase reactions of furfural were 
performed in a tubular flow reactor using conditions identical to those used in previous 
studies of HMF [55]. Low-pressure reactions were carried out in the same temperature 
range but at one atmosphere total pressure, with variable H2 partial pressures. At high 
pressures, HDO of furfural was found to be very similar to HDO of HMF. For both 
reactants, decarbonylation was negligible and the reactions were sequential. In HDO of 
furfural at high pressures, all of the reactants proceeded through MF, which in turn 
reacted to over-hydrogenated products. At lower H2 pressures, decarbonylation and HDO 
occurred in parallel. Decarbonylation was monotonically suppressed with increasing H2 
pressures.  
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7.2 Experimental 
The 10-wt% Pt/C catalyst in this study was prepared by impregnation, using 
procedures identical to those mentioned in Chapter 2. The Pt dispersion was determined 
to be 12% via CO chemisorption. Characterization was also performed by TEM, which 
indicated that the Pt particle sizes varied between 4 and 10 nm.  
The high- and low-pressure HDO of furfural were performed in two different 
tubular reactors. For work at high pressures, the reactions were carried out in the three-
phase continuous flow reactor described in Chapter 2. The liquid feed, a mixture of 0.76 
g furfural (99%, Sigma-Aldrich) in 100 mL of 1-propanol solvent, was introduced into 
the reactor at a controllable flow rate via an HPLC pump. The use of 1-wt% furfural in 1-
propanol was chosen to match the conditions of the earlier HMF study. 
For the low-pressure measurements, furfural (or furfuryl alcohol (FA) during 
control experiments) was introduced to the reactor by gas flow through a heated bubbler. 
Similar stainless-steel, tubular reactors were used in both high- and low-pressure 
measurements. The reactors, 20-cm long with a 4.6-mm ID, were packed with 0.05 g of 
catalyst. In most cases, the partial pressure of furfural (or furfuryl alcohol) was 
maintained at 0.02 bar.  The total gas flow rate to the bubbler was fixed at 60 mL/min but 
the H2 partial pressure was adjusted by mixing He with the H2. A bubble meter at the 
reactor exit was used to check continuously that the gas flow rates were maintained. The 
effluent from the reactor was diluted with 120 mL/min He to decrease the final 
concentration of furfural and avoid condensation problems. The product analysis was 
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carried out using a gas-tight syringe to inject the effluent from the reactor into the GC-
MS. Under the conditions used in this study, there was no reaction in the absence of a 
catalyst for either the high-pressure or low-pressure experiments. 
The GC-MS used to measure the product compositions was equipped with a 
capillary column (HP-Innowax, Agilent Technologies). Calibration of liquid samples was 
accomplished using standard solutions with known concentrations of furfural, 2-
methylfuran (MF), 2-methyltetrahydrofuran (MTHF), furfuryl alcohol (FA), 
tetrahydrofurfuryl alcohol (THFA), furfuryl-dipropyl acetal (FAct), furfuryl-propyl ether 
(FEther), 2-pentanone, 2-pentanol, and pentane. Calibration of the gas-phase samples was 
verified for furan, furfural, FA, and MF using the known vapor pressures of the pure 
compounds. For quantification of FEther, the GC sensitivity was assumed to be the same 
as that for FAct. For open-ring pentanedione and ether products, the GC sensitivity was 
assumed to be the same as 2-pentanone. Since the quantities of most of these side 
products were relatively small, these assumptions will not have a major impact on the 
conclusions of this work. The carbon balance (based on furfural) was always better than 
90% in both high- and low-pressure measurements. 
In the high-pressure experiments, the conversions and selectivities were measured 
as a function of the total flow rates in order to map out the product distribution as a 
function of residence time. Because the reaction pathway was qualitatively different at 
the lower H2 pressures, most of the low-pressure measurements were performed under 
differential conditions, with furfural conversions less than 15%.  
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7.3 Results 
7.3.1 High-pressure HDO of furfural 
  
                                    (a)                                                                  (b)  
Figure 7.1: Conversion and product distribution for the liquid-phase HDO reaction of 
furfural over a 10-wt% Pt/C catalyst as a function of reactor space time. The 
overall product distribution is given in (a) while a more detailed description 
of the over-hydrogenated products (product group D) is shown in (b). 
Reaction conditions: 33 bar and 180 ºC. () furfural conversion, () 
product group B, ()MF, () product group D, () MTHF, () 2-pentanol, 
() pentanedione, ()2-propoxypentane 
 
HDO of furfural over the 10% Pt/C catalyst was examined using conditions 
essentially identical to that used in a previous HDO study of HMF [55]. To match the 
previous reaction conditions, the furfural was diluted in 1-propanol to a concentration of 
1-wt%. This was then fed to the reactor as a liquid, together with H2. The reactor was 
held at 180 ºC and 33 bar total pressure in all measurements, varying only the flow rates 
of reactants while maintaining a constant ratio of gas and liquid flow rates.  
Figure 7.1 shows the furfural conversion and the product yields as a function of 
the reactor space time, W/F, defined here as the weight of the catalyst divided by the 
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volumetric flow rate of the liquid. A guide to the products that are formed is shown in 
Scheme 7.1. The results in Figure 7.1a) correspond very closely to what was reported 
earlier for HDO of HMF for the same catalyst and reaction conditions [55]. Not 
surprisingly, the furfural conversion increased with residence time. At the shortest 
residence times, the main products were 2-methylfuran (MF) and several partially 
hydrogenated products designated as B (FA, FAct, and FEther). At this short residence 
time, there was no evidence for over-hydrogenated products, listed as D in Scheme 7.1. 
With increasing residence time, the yield of B products decreased steadily while the 
yields of MF and D products increased. (Figure 7.1b) provides a more complete 
description of the D products which are formed.)  With still longer residence times, the 
MF yield reached a maximum and began to decrease, while the D products continued to 
increase.  
 
Scheme 7.1: Reaction network for liquid-phase hydrodeoxygenation of furfural in 
alcohol solvent. 
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Several important conclusions can be reached from the results in Figure 7.1. First, 
there was no evidence for decarbonylation products. No furan was formed and there were 
no C-4 products in the final D products. Second, as reported previously for HDO of 
HMF, the evolution of products indicates that this is a series reaction, as shown in 
Scheme 7.1. This is demonstrated by the following facts: 1) The partially hydrogenated, 
B products form first and decrease continually with residence time. 2) The MF yield goes 
through a maximum, indicating it is formed from B, then declines. 3) The over-
hydrogenated, D products are absent at short residence times and increase continually. 
Third, unlike the case for HMF, the reaction of furfural in 1-propanol produces an acetal 
product. The acetal and other partially hydrogenated products undergo further reaction, 
proceeding through MF, and were completely consumed at the longest residence times.  
It is also informative to examine which over-hydrogenated products are formed as 
final products. These are shown in Figure 7.1b). The major over-hydrogenated product is 
MTHF. The fact that this forms only after MF has formed implies that ring hydrogenation 
can only occur after reduction of the carbonyl group of the furfural. Other products that 
formed in parallel with MTHF were 2-pentanol, pentanedione, and 2-propoxypentane (a 
reductive-etherification product formed by reaction of 1-propanol with 2-pentanone).  
To determine whether the results in Figure 7.1 are strongly temperature 
dependent, experiments were also performed at 140 ºC. The results were very similar to 
those shown in Figure 7.1. The furfural conversions at a given residence time were lower, 
as expected; but the final distribution of over-hydrogenated products was nearly the 
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same. One interesting difference was that the peak yield of MF was lower at 140 ºC, only 
25% compared to 41% in Figure 7.1a). This implies that the reaction of MF to D products 
has a weaker temperature dependence than the reaction of B products to MF.  
 
 
Figure 7.2: Conversion and product distributions for the reaction of MF in 1-propanol 
over a 10-wt% Pt/C catalyst as a function of reactor space time. Reaction 
condition: 33 bar and 180 ºC. () MF conversion, () MTHF, () 2-
pentanol, () pentanedione, ()2-propoxypentane 
 
As a further test of the sequential reaction network proposed in Scheme 7.1, 
experiments were carried out in which the intermediate reactants were fed to the reactor. 
Figure 7.2 shows the conversion and final product distribution as a function of space 
time, at 180 ºC and 33 bar, when 0.8-wt% MF in 1-propanol was fed to the reactor. The 
molar concentration of MF in these experiments was the same as that of furfural in Figure 
7.1. The data in Figure 7.2 help confirm that the reaction is sequential. The conversion of 
MF increases with residence time and the final product distribution is similar to that 
shown in Figure 7.1b). The somewhat lower yields of pentanedione, along with ether 
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products from it, may be due to the fact that water is formed in the reaction of furfural to 
MF and will therefore be present in lower amounts when MF is fed directly. 
 
Table 7.1: Product distributions of reaction from varied reactant over 10wt% Pt/C, at 180 
ºC, 33 bar and space time of 1 g·min/mL 
Reactant 
Conv
% 
MF FA FEther FAct MTHF THFA 
2-Propoxy-
pentane 
2-
Pentanone 
2-
Pentanol 
Pentane
-dione 
FA 96.1 16.3 - 0 0 41.2 <1 19.8 2.8 3.8 4.5 
MTHF 0 - - - - - - 0 0 0 0 
THFA 0 - - - - 0 - - 0 0 0 
2-Pentanone 100 - - - - - - 90.0 - 6.8 - 
 
The reactivities of several additional species in the reaction network were also 
examined in less detail, with results shown in Table 7.1. For these experiments, the 
reactants were again diluted in 1-propanol to the same molar concentrations and their 
reactivities studied at 180 ºC and 33 bar. However, the measurements were performed at 
a single reaction space time of 1 g·min/mL. In agreement with the data in Figure 7.1 and 
Scheme 7.1, the conversion of FA under these conditions was 96% and the products were 
similar to those observed from furfural, with the exception that FEther and FAct were not 
observed. MTHF and THFA were completely unreactive under these conditions. The low 
reactivity of MTHF indicates that ring-opening is difficult after the ring has been 
saturated, in agreement with a previous report by Bradley et al. [111], who argued that 
the strong adsorption of the aromatic ring on Group VIII metals can weaken the C-O 
bond in furan. The fact that the hydroxyl group on THFA is also unreactive, whereas the 
hydroxyl group on FA is very reactive, implies that the aromatic ring strongly affects the 
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reactivity of that group. Finally, 2-pentanone was completely converted at this space 
time, with a 90% yield to the reductive-etherification product, 2-propoxypentane. Only a 
small amount of 2-pentanol was formed under these conditions. This result is again 
consistent with the observations from the reactions of furfural, explaining the presence of 
2-propoxypentane as one of the major by-products.     
7.3.2 Low-pressure reaction of furfural 
The reaction of furfural was also studied in low-pressure experiments, performed 
at 180 ºC and 1 bar total pressure on the same 10-wt% Pt/C catalyst. For these 
experiments, the partial pressure of furfural was fixed at 0.02 bar and the total gas flow 
rate was fixed at 60 mL/min; but the H2 partial pressure was varied by changing the 
H2:He ratio in the gas phase. Although the conversions increased from approximately 5% 
to 15% with increasing H2 partial pressure for these fixed flow rates, the product 
selectivities did not change significantly when the flow rates were adjusted to vary the 
conversions between 10 and 40%.  
The product selectivities are shown as a function of H2 partial pressure in Figure 
7.3. Since furan, FA, and MF accounted for more than 95% of the products under these 
conditions, the selectivities are only shown for those products; they are qualitatively 
different from those obtained at higher pressures. Consistent with observations from a 
large number of literature studies, on various metal catalysts, decarbonylation of furfural 
to furan was a major reaction pathway in all cases in these low-pressure experiments 
[41,56,88,110]. At the lower H2 pressures, the decarbonylation product, furan, was 
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clearly the dominant product, with a selectivity to furan of more than 70% at 0.1 bar H2. 
With increasing H2 pressure, the selectivity to furan decreased and the selectivity to FA 
increased. At 1 bar H2, FA was the largest product.  
 
 
Figure 7.3: Product selectivities for the vapor-phase HDO reaction of furfural over a 10-
wt% Pt/C catalyst as a function hydrogen pressure by varying H2: He ratio. 
Reaction conditions: total flow rate 60 mL/min, furfural partial pressure 0.02 
bar, total pressure 1 bar and 180 ºC. () furan, () FA, () MF 
 
Table 7.2: FA conversion and product selectivity over 10wt% Pt/C; Reaction condition: 
1 bar, 2% FA, total flow rate 60 mL/min, 180 ºC.  
H2 pressure (bar) Conv.%
 
MF MTHF THFA 2-Pentanone Unknown 
0.25 47 76 5 5 4 10 
1 42 64 6 5 7 18 
 
To rule out furan production from FA, experiments were conducted in which FA 
was fed to the reactor (see Table 7.2). For these conditions, no furan was produced from 
FA and the major product was MF (>60% selectivity). Additional products formed from 
FA were MTHF, THFA, and 2-pentanone. Since all of these are 5-carbon molecules, 
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there is no additional decarbonylation once FA is produced. Therefore, the relative 
importance of decarbonylation and HDO in the reaction of furfural can be determined 
from the furan selectivity in Figure 7.3.  
The results in Figure 7.3 clearly demonstrate the importance of H2 pressure in 
determining decarbonylation selectivities over Pt/C catalysts. For the 33-bar experiment, 
the H2 partial pressure was estimated approximately to be 22 bar and the furfural pressure 
0.14 bar, with the balance being 1-propanol. Although the presence of 1-propanol may 
also affect selectivities, an extrapolation of the data in Figure 7.3 to higher pressures 
suggests that the higher H2 pressure is the most likely reason for the absence of 
decarbonylation at 33 bar. 
7.4 Discussion 
The present results demonstrate the importance of H2 pressure in the reaction 
network for furfural. For a typical Pt/C catalyst, decarbonylation to furan dominates at 
the lower H2 pressures that are often used in laboratory testing of furfural HDO; however, 
a sequential reaction network, in which all the furfural proceeds through MF, dominates 
at higher pressures. This may help unify the literature for HDO of furfural and 2-
hydroxymethyl furfural (HMF). Decarbonylation is not a major pathway in most studies 
with HMF. Because of the low vapor pressure of HMF, catalyst testing for HDO of HMF 
is usually performed in an autoclave at high pressures, where decarbonylation would also 
not be important for the reaction of furfural.  
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The fact that decarbonylation is unimportant at higher H2 pressures agrees with 
previous papers where HDO of furfural was studied in an autoclave at higher pressures 
[112,113]. What the present work demonstrates is that the absence of decarbonylation in 
previous high-pressure studies is probably not due to the catalysts that were studied but 
rather the conditions used to study the reaction. These results demonstrate that it was able 
to dramatically change the product selectivities by simply varying the H2 pressure without 
changing catalyst.   
The reason for the strong H2 pressure dependence on the reaction products is 
likely due to changes in the hydrogen surface coverage. DFT calculations of furfural 
adsorption and reaction on Pd(111) [85] have shown that the presence of co-adsorbed 
hydrogen changes the conformation of adsorbed furfural. Furfural prefers to lie flat on Pd 
surface in the absence of adsorbed hydrogen but the ring becomes perpendicular to the 
surface when hydrogen is present. Moreover, kinetic modeling indicates that the 
selectivity of the hydrogenation product (furfuryl alcohol) increases relative to the 
decarbonylation (furan) with increasing hydrogen coverage. These calculations are in 
very good agreement with the trends observed in our low-pressure HDO studies.  
At the high H2 pressures, the product distributions for the reactions of furfural and 
HMF are strikingly similar. In both cases, the reactions are sequential, proceeding 
through either MF or DMF. For HDO of HMF, this was shown to be true for carbon-
supported Pt, Pd, Ir, Co, Ni, and Ru [57]. The final products formed from the reaction of 
MF and DMF are also similar. In earlier work with HMF, it was shown that Pt gives a 
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mixture of products consisting of primarily open-ring ketones and alcohols, with some of 
the ring-saturated dimethyl tetrahydrofuran [57]. With furfural, the ring-saturated 
product, MTHF, is slightly favored but the product slate is similar. In both cases, the 
production of open-ring products occurs only after reduction of the carbonyl group to a 
methyl group.  
The similarities in the reaction networks for furfural and HMF imply that the 
strategies for developing improved catalysts should also be similar. That leads to the 
important question of whether catalysts developed to minimize decarbonylation in the 
reaction of furfural will also be the most selective for producing dimethylfuran (DMF) 
from HMF. Based on earlier theoretical studies, it seems likely that there will indeed be a 
strong relationship between minimizing decarbonylation at low pressures and selectivity 
towards DMF at high pressures but a careful examination of the relationship is needed. In 
both cases, bimetallic catalysts have been shown to exhibit better selectivities than their 
single-component analogues [40–43,61]. 
Most high-pressure HDO studies employ a solvent, which can affect the product 
distribution. In addition to the fact that the solvent may also be a reactant (e.g. 2-
Propoxypentane is a product of a reaction between 1-propanol and 2-pentanone in the 
present study.), adsorbed solvent molecules also change the conformation of the adsorbed 
reactants in a manner similar to that with adsorbed hydrogen. Because the chemistry in 
our earlier studies with HMF appeared to be similar for different solvents [55], it is not 
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believable that the presence of the solvent can explain the differences observed in the 
high-pressure and low-pressure results of the present study. 
Great progress is being made in our understanding of HDO catalysis for furfural 
and HMF. It is believed that the development of unifying concepts for different reactants 
and reaction conditions further helps our understanding of these reactions. 
7.5 Conclusion 
H2 pressure plays an important role in determining the product distribution in 
HDO of furfural. Decarbonylation is a major reaction pathway only at lower H2 
pressures. At higher H2 pressures, HDO of furfural follows a sequential reaction network, 
with MF formed as an intermediate.  
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Chapter 8. The Effect of Oxide Acidity on HMF Etherification 
 
8.1 Introduction 
As discussed in Chapter 1, etherification is an attractive approach to convert HMF 
into biodiesel. Unlike HDO, the etherification of HMF does not require the consumption 
of H2. Several studies on HMF etherification have been reported. The direct etherification 
of HMF to form mono-ether furfural can be catalyzed by Brønsted acids, including 
H2SO4 
 
[23]
 
and H-zeolites [22], as shown in Scheme 8.1a). However, the remaining 
carbonyl functional group in the mono-ether furfurals reduces the stability of the 
molecule compared to the corresponding alcohols [23,24]. Formation of di-ethers from 
2,5-bis(hydroxymethyl)furan (BHMF) has been demonstrated but this requires a two-step 
process in which the carbonyl group is first reduced [114]. Reductive etherification, in 
which the carbonyl is hydrogenated and then reacted to form the di-ether avoids this 
problem. In a demonstration of this chemistry, Balakrishnan et al. [23] reported the one-
pot reductive etherification of HMF to form 2,5-bis(alkoxymethyl)furan, shown in 
Scheme 8.1b). This reaction requires H2 to reduce the carbonyl group, increasing the 
material and process cost.  
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Scheme 8.1: (a) Direct etherification of HMF, (b) one-pot reductive etherification of 
HMF via hydrogenation, (c) transfer hydrogenation via Meerwein-
Ponndorf-verley reaction, and (d) reductive etherification of HMF via 
transfer hydrogenation. 
 
Transfer hydrogenation via the Meerwein-Ponndorf-Verley (MPV) reaction, 
shown in Scheme 8.1c), provides the opportunity for an interesting variation on reductive 
etherification, since the alcohol used as the reactant for making the ether can also be used 
as the hydrogen source. The aldehyde or ketone produced by oxidation of the alcohol 
would need to be hydrogenated in a separate step, but this subsequent reaction could be 
carried out in the gas phase and would not require high-pressure H2 [115].Alternatively, 
the aldehyde or ketone produced could be used in aldol-condensation of HMF. Some 
examples where transfer hydrogenation has been used include the following: Petra et al. 
[116] performed transfer hydrogenation over ruthenium (II) for the reduction of 
acetophenone; Mollica et al. [117] reported the reduction of aromatic and aliphatic 
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aldehydes using isopropanol as hydrogen donor and ytterbium triflate as the catalyst; 
Misra et al. [26] applied bimetallic alkoxides of praseodymium and neodymium to carry 
out the transfer hydrogenation of octanone. Of particular interest, transfer hydrogenation 
has been shown to be catalyzed by solid, inexpensive oxides. For example, Dumesic and 
coworkers [32] showed that ZrO2 can be effective for transfer hydrogenation of levulinic 
acid/ethyl levulinate to γ-valerolactone. Similarly, Corma et al. [118] reported the 
reduction of cyclohexanone to cyclohexanol in large-pore zeolites with framework Sn or 
Zr. Presumably, the oxides in these examples are acting as solid Lewis acids. An 
additional benefit to using solid acids to catalyze transfer hydrogenation is that the acids 
may also catalyze the etherification reactions. The feasibility of this has been 
demonstrated by Bui et al. [25] and Jae et al. [21], who performed the sequential transfer 
hydrogenation and etherification of furfural to furfuryl ether over zeolite BEA with 
framework Zr, Sn and Ti, using an alcohol as hydrogen donor. This reaction is shown in 
Scheme 8.1d).  
The present study compares the performance of a range of solid acids for the 
reaction of HMF with 2-propanol in the liquid phase in order to gain insights into what 
properties are most desirable for carrying out transfer hydrogenation and the subsequent 
etherification reactions. Both solid Lewis Acids (Al2O3, ZrO2, TiO2, and Sn-BEA) and 
solid Brønsted Acids (H-BEA, Al2O3/SBA-15, and ZrO2/SBA-15) were examed. This 
work will show that each of the materials showed activity but that the product 
selectivities varied strongly with the oxide properties (Scheme 8.2). 
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Scheme 8.2: Reaction schemes of HMF etherification with isopropanol over solid acid 
catalysts.  
 
8.2 Experimental 
8.2.1 Preparation of solid acid catalysts 
A list of the materials used in this study is given in Table 8.1. The metal oxide 
catalysts investigated in the present work, as well as the SBA-15 supported samples, were 
prepared by the methods mentioned in Chapter 2. The H-BEA (zeolite beta, CP811-300), 
with Si/Al2 of 200, was obtain from PQ Corporation.  
The Sn-BEA, with Si/Sn ratio of 118, was prepared by Wei Fan’s group from 
University of Massachusetts Amherstthe, following the procedure described by Corma et 
al. [118].
 
First, 13.6 g of TEOS (Sigma Aldrich, 98%) were hydrolyzed in 13.01 g of 
TEAOH (40 wt %, Sigma Aldrich) with stirring at room temperature. To this solution, 
0.1840 g of SnCl4•5H2O (Strem Chemicals, 98% reagent grade) in 0.92 g of DI water 
were added, after which the mixture was again stirred at room temperature until the 
solution had decreased in weight by 12 g because of ethanol evaporation. To the resulting 
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clear solution, 1.47 g of HF (48 wt %) were added, causing the formation of a thick paste. 
Next, 0.152 g of calcined, siliceous zeolite Si-Beta in 0.73 g of DI water was added as 
seed crystals. The ﬁnal gel composition was as follows: 1.0 SiO2: 0.0083 SnO2:0.54 
TEAOH:7.5 H2O: 0.54 HF. The crystallization was carried out in rotating, Teﬂon-lined, 
stainless-steel autoclaves at 413 K for 28 days. The solid produced by this process was 
then calcined in air using a heating ramp of 3 K /min to 853 K and held at this 
temperature for an additional 3 h. Characterization of this material has been described 
elsewhere [21,52] 
 
Table 8.1: Site densities and BET surface area of the catalyst samples used in this study. 
Catalyst 
TPD/TGA of        
1-propanol 
(µmol/g) 
TPD/TGA of         
2-propanamine 
(µmol/g) 
Site density for 
TOF calculation 
(µmol/g) 
BET 
surface area 
(m
2
/g) 
Al2O3 200 0 200 150 
ZrO2 120 0 120 40 
TiO2 150 0 150 50 
10wt% Al2O3/SBA-15 360 200 360 480 
10wt% ZrO2/SBA-15 200 130 200 560 
10wt% TiO2/SBA-15 260 30 260 480 
SBA-15 0 0 - 650 
H-BEA - 100 100 - 
Sn-BEA - 0 100* - 
*The active site density of Sn-BEA was obtained from TPD-TGA measurement adsorbing 
acetonitrile. 
 
8.2.2 Characterization methods 
The surface areas of the samples were determined from N2 isotherms using 
Brunauer-Emmett-Teller (BET) method at 78 K, after evacuation of the sample at 773 K, 
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and are reported in Table 8.1, rounded to the nearest 10 m
2
/g. Each of the samples was 
also examined in simultaneous Temperature-Programmed Desorption/Thermogravimetric 
Analysis (TPD-TGA) measurements. The TPD-TGA experiments were performed by 
exposing the samples to a few torr of the adsorbate of interest, followed by evacuation to 
~10
-6
 torr for 1 h. The sample temperature was then ramped at 10 K /min while 
monitoring the sample weights and the partial pressures using a quadrupole mass 
spectrometer. TPD-TGA of 2-propanamine allows determination of the Brønsted-acid 
site concentration from the amount of the amine that reacts via the Hofmann elimination 
to form propene and NH3 between 573 and 650 K [119].Total acid-site concentrations 
(Lewis and/or Brønsted) were determined from TPD-TGA of 1-propanol. Although 
adsorbed 1-propanol will react to propene and water on both Lewis- and Brønsted-acid 
sites, the temperature at which reaction occurs varies with the nature of the sites.  
The reactions of HMF with 2-propanol were carried out in a high-pressure, flow 
reactor as shown in Figure 2.2. To avoid large pressure drops in the reactor, the catalyst 
samples were first pressed into thin wafers, which were then broken into small pieces 
before placing them into the reactor. The rectangular wafers had a characteristic size of 
1~2 mm and a thickness of approximately 0.3 mm. The catalyst was loosely packed in 
the reactor, so that the length of the bed was approximately 1 cm for a 0.1-g loading, and 
4 cm for a 0.4-g loading. Based on the volumetric flow rate, the linear velocity of the 
liquid feed was determined to be 1.6 cm/min. For differential conversions, it was possible 
to calculate rates from the measured conversions, although characteristic diffusion times 
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(δ2/D ~ (0.015 cm)2/10-6 cm2/s ~ 200 s) could affect this somewhat. However, channeling 
of the reaction fluid around the catalyst particles prevents measurement of rates at higher 
conversions. In this study, catalyst loading was varied in order to determine the effect of 
increasing conversion on the selectivity and cannot be used as a measure of reaction 
rates. 
To determine the effect of temperature, reactions were carried out with 0.1 g of 
catalyst at 413 K and 453 K. (For the H-BEA and Sn-BEA catalysts, reactions were also 
measured with 0.05 g at 413 K in order to maintain differential conversions.) The 
conversions were negligible in the absence of a catalyst and also with unmodified SBA-
15. For each of the catalysts examined in this study, conversions and selectivities 
remained unchanged over the period of several hours required to make the measurements. 
The typical run time was 3 h, and the outlet products were sampled every 30 min. In all 
cases, minimal changes were observed in the conversion and selectivity; and 
representative data was typically chosen from the second or third measurement (40 to 60 
min after starting the reaction).  
8.3 Results 
8.3.1 Catalyst characterization

 
A summary of the most important properties for each of the materials used in this 
study is given in Table 8.1 and the methods used to obtain those values will be described 
here. Brønsted-acid site concentrations were determined from TPD-TGA results 
                                                 

 Note: TGA-TPD characterization was mostly performed by Jingye Yu from Professor Raymond Gorte’s 
Group, Department of Chemical & Biomolecular Engineering, University of Pennsylvania. 
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following room-temperature adsorption of 2-propanamine, as shown in Figure 8.1, which 
were measured on the Al2O3/SBA-15 sample. On γ-Al2O3, it has previously been reported 
that all of the amine desorbs intact over a broad temperature range, from room 
temperature to 700 K [52]. The high desorption temperature demonstrates that adsorption 
is strong but the fact that there is no reaction implies a complete absence of Brønsted-acid 
sites. This result is in sharp contrast to that found for the Al2O3/SBA-15 sample. 
Following exposure to the amine and evacuation, approximately 200 µmol/g of the amine 
reacts to propene and ammonia between 575 and 650 K. Although the Brønsted-site 
concentration on Al2O3/SBA-15 is significantly lower than the Al concentration (~2000 
µmol/g), it is much higher than is normally found on amorphous silica-alumina catalysts 
[120]. It is suggested that the amorphous silica walls making up the SBA-15 are 
exceptionally capable of incorporating Al
+3
 into tetrahedral positions in the siliceous 
matrix. 
 
Figure 8.1: TPD-TGA curves for 2-propanamine over 10wt% Al2O3/SBA-15. 
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The TPD-TGA results for 2-propanamine on pure and SBA-15-supported ZrO2 
and TiO2 were unexpectedly similar to that found for Al2O3. Again, the pure oxides 
showed no Brønsted acidity, while the SBA-15-supported oxides both showed significant 
concentrations of Brønsted-acid sites, 130 µmol/g for ZrO2/SBA-15 and 30 µmol/g for 
TiO2/SBA-15, as determined by the reaction of the amine between 575 and 650 K. 
Evidence for Brønsted acidity in some zirconia silicates has been presented previously, 
based on isomerization of butane and on the formation of pyridinium ions in FTIR 
measurements [121]. Obviously, the nature of Brønsted-acid sites formed by Zr
+4
 and 
Ti
+4
 in silica is not expected to be similar to that of sites formed by tetrahedral Al
+3
. 
 
Figure 8.2: TPD-TGA curves for 1-propanol over 10wt% Al2O3/SBA-15. 
 
TPD-TGA measurements of 1-propanol are complementary in that the alcohol 
reacts on both Lewis- and Brønsted-acid sites. Results for γ-Al2O3  and an H-ZSM-5 
zeolite have been published elsewhere [21]. As with 2-propanamine, some of the 
adsorbed 1-propanol leaves the sample unreacted. On γ-Al2O3, 1-propanol molecules at 
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Lewis-acid sites undergo dehydration over a narrow temperature range centered at 
approximately 550 K; on H-ZSM-5, molecules associated with the Brønsted sites react at 
approximately 460 K. TPD-TGA data for Al2O3/SBA-15 are shown in Figure 8.2 and are 
qualitatively more similar to the results for H-ZSM-5. Approximately 800 µmol/g of the 
alcohol remains on the sample following room-temperature exposure, followed by 
evacuation for 1 h. During the temperature ramp, 360 µmol/g of the alcohol react over a 
broad temperature range centered at 480 K. Because this is close to the reaction 
temperature observed with Brønsted sites on H-ZSM-5, it is suggested that the lower 
dehydration temperature on Al2O3/SBA-15 compared to γ-Al2O3 is associated with 
reaction on Brønsted-acid sites. The increased width of the reaction feature on 
Al2O3/SBA-15 may be due to the presence of a mixture of Brønsted- and Lewis-acid 
sites, since the concentration of sites able to react 1-propanol was larger than the 
concentration of Brønsted-acid sites determined by 2-propanamine adsorption. 
  
 
   (a)                                                       (b) 
Figure 8.3: TPD-TGA curves for 1-propanol over (a) ZrO2, (b) 10wt% ZrO2/SBA-15. 
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TPD-TGA curves for the 1-propanol adsorption on ZrO2 and ZrO2/SBA-15 are 
shown in Figure 8.3. The acid-site concentrations, as determined by the amount of 1-
propanol that dehydrates, were 120 and 200 µmol/g on these two samples, respectively. 
The peak temperature for propene formation on pure ZrO2 was 590 K, which is 
approximately 40 K higher than with γ-Al2O3, implying that the Lewis-acid sites on ZrO2 
are somewhat weaker. Because the concentration of sites able to dehydrate 1-propanol on 
ZrO2/SBA-15 was similar to the Brønsted-acid site concentration, most of the 1-propanol 
reacting on this sample are likely associated with Brønsted sites, which may explain the 
lower reaction temperature on this sample, ~540 K. Previously, changes in the peak 
temperature for dehydration of alcohols at Brønsted sites associated with framework Fe 
or Al in siliceous zeolites has been shown to correlate with the activity of those sites. 
Therefore, using the dehydration temperature as a measure of site strength, the Brønsted 
sites in ZrO2/SBA-15 must be significantly weaker than those in Al2O3/SBA-15. 
Results for adsorption of 1-propanol on TiO2 and TiO2/SBA-15 are not shown 
because they were similar to that obtained with ZrO2 and ZrO2/SBA-15. The site density 
as determined by the amount of 1-propanol that reacted was slightly higher on TiO2 
compared to ZrO2, 150 µmol/g versus 120 µmol/g; but the dehydration temperatures were 
identical within experimental error. The SBA-15 support had less effect on the 
dehydration peak temperature with TiO2 (The dehydration peak temperature on 
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TiO2/SBA-15 was 620 K.), which is likely due to the fact that the Brønsted site 
concentration was much lower on TiO2/SBA-15 that on ZrO2/SBA-15. 
8.3.2 Reaction studies 
The liquid-phase reaction (69 bar) of HMF with 2-propanol (100 mg HMF 
dissolved in 100 mL of 2-propanol) on each of the catalysts was characterized using a 
fixed feed rate of 0.2 mL/min. The measurements were carried out with 0.1 g of each 
catalyst at 413 and 453 K to determine the effect of temperature on conversion and 
selectivity and with 0.4 g of each catalyst at 453 K to determine how selectivity changed 
with conversion at this temperature. All of the catalysts were stable over the period of 
several hours used in making the measurements and no conversion was observed in the 
absence of a catalyst. While the products formed from HMF have been focused,  the 
formation of acetone from the 2-propanol was also observed in amounts equal to that 
required for the transfer hydrogenation rates. The data at 413 K emphasizes the initial 
products formed at low conversions and is shown in Table 8.2. (Note: The data in Table 
8.2 for H-BEA and Sn-BEA were determined using a catalyst loading of 0.05 g in order 
to maintain the conversion below 10%.) All of the reaction results are summarized in 
graphical form in Figure 8.4.  
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                               (a) Al2O3                                  (b) 10wt% Al2O3/SBA-15 
 
                                (c) ZrO2                                    (d) 10wt% ZrO2/SBA-15 
 
                                (e) TiO2                                    (f) 10wt% TiO2/SBA-15   
 
                                 (g) H-BEA                                            (h) Sn-BEA 
 
Figure 8.4: HMF conversion and product distributions over different catalysts as a 
function of temperature and catalyst loading.  
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Table 8.2: Turnover rates and product selectivities of HMF etherification with IPA at 
413 K.  
Catalyst Conv.(%) 
TOF 
(10
-3 
molec/site*s) 
Product Selectivity (%) Reaction 
Scheme MEF BHMF MEFA BEF 
Al2O3 11.1 1.45 - 55.4 44.7 - 1 
ZrO2 7.1 1.56 - 91.0 9.0 - 1 
TiO2 3.7 0.65 - 79.4 20.6 - 1 
10wt% ZrO2/SBA-15 12.1 1.60 - - 31.4 68.6 2 
10wt% TiO2/SBA-15 6.9 0.70 31.7 - 20.5 47.9 2 
Sn-BEA 12.8 6.71 9.8 - 7.4 82.5 2 
10wt% Al2O3/SBA-15 11.4 0.83 91.5 - - 8.5 3 
H-BEA 14.6 7.20 97.9 - - 2.1 3 
 
Since the conversions in Table 8.2 were all less the 10%, these data appear to 
represent the initial products that are formed in the reaction. Several clear trends appear. 
H-BEA and Al2O3/SBA-15 have strong Brønsted-acid sites and are both highly selective 
for MEF. As expected based on literature reports, these catalysts are highly active for 
ether formation but less active for transfer hydrogenation. By contrast, the pure oxides, 
which exhibit purely Lewis acidity, are much more active for transfer hydrogenation 
reactions. On ZrO2, the selectivity for the di-alcohol, 2,5-bis(hydroxymethyl)furan 
(BHMF), was over 90%. BHMF can go on to form the mono-ether alcohol, 5-[(1-
methylethoxy)methyl]-2-furanmethanol (MEFA), and the di-ether, 2,5-bis[(1-
methylethoxy)methyl]furan (BEF), on the more acidic oxides. The Lewis-acid sites on 
Sn-BEA were the most active, showing a high selectivity to 2,5-bis[(1-
methylethoxy)methyl]furan (BEF) even at low total conversions. Interestingly, ZrO2 and 
TiO2 on SBA-15 were also quite selective towards formation of BEF, presumably by 
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carrying the MPV interhydride transfer from 2-propanol to the carbonyl of HMF on the 
Lewis acid sites followed by etherification on the Brønsted acid sites of the catalyst. 
Turnover frequencies, based on HMF consumption, were estimated for each of 
the catalysts using site densities calculated from the amount of 1-propanol that reacted in 
TPD-TGA measurements. The only obvious trend is that both H-BEA and Sn-BEA were 
much more active than either the pure oxides or the oxides supported on SBA-15. This 
might suggest that the zeolite cavities have a confining effect that increases the reaction 
rates. Alternatively, change in coordination of the metal atom may also play a role in the 
observed turnover frequencies. 
As shown in Figure 8.4, increasing the temperature to 453 K did not change the 
overall picture. As expected, the conversions increased and selectivities for MEFA and 
BEF increased at the expense of BHMF formation on those catalysts that are active for 
transfer hydrogenation. Similarly, increasing the catalyst loading did not significantly 
alter the conclusions, other than to suggest that MEFA and BEF can undergo additional 
reactions to form unidentified side products. This was especially noticeable with 
ZrO2/SBA-15. Interestingly, MEF does not seem to undergo additional reactions on H-
BEA or Al2O3/SBA-15, since the selectivity for MEF remained high at the higher 
conversions. Once MEF is formed, further reaction to the desired product, BEF, does not 
occur. 
Overall, the results from this study show surprisingly simple product distributions 
for the reaction of HMF with 2-propanol over a variety of solid catalysts, although the 
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selectivities were remarkably different depending on the nature of the oxide. Lewis 
acidity appears to be essential for transfer hydrogenation, since the reaction was almost 
completely absent on H-BEA and Al2O3/SBA-15, which are primarily Brønsted acids. 
These strong Brønsted acids produce the mono-ether (MEF), which appears to be 
resistant to transfer hydrogenation. Bulk ZrO2 and TiO2, which are Lewis acids only, 
were both reasonably active for hydrogen transfer but less active for the etherification 
reactions. The weak Brønsted acidity that was added by supporting these oxides on SBA-
15 enhanced that activity substantially; however, Brønsted acidity is clearly not required 
for etherification, given that Sn-BEA was very active and selective for production of the 
di-ether. 
One very interesting question arising from this work involves how to characterize 
Lewis acidity and then relate it to catalytic activity. A previous adsorption study with 
alcohols on Sn-BEA showed that tert-butanol adsorbed at Sn sites started to undergo 
dehydration beginning at ~370 K in TPD-TGA [122]. By comparison, the same 
dehydration reaction on γ-Al2O3 commenced above 400 K [52]. On the other hand, 
diethyl ether, which is expected to have a similar reactivity to ethanol or 1-propanol 
given that reaction involves a primary carbenium ion, desorbed from the Sn sites 
unreacted, while γ-Al2O3 was able to promote dehydration prior to desorption. The 
difference here may be simply due to the ability of on γ-Al2O3 to hold the alcohols to 
high temperatures, which does not itself seem to be a good measure of acid strength.  
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Finally, it is worth noting that the chemistries observed in this study were all 
possible without having a precious metal or gaseous hydrogen. There was also no attempt 
to optimize the materials used in this study; the addition of dopants to modify the acidic 
properties could well lead to improved selectivities. This is still a relatively new avenue 
for research. 
8.5 Conclusion 
The liquid-phase reaction of HMF with 2-propanol can be catalyzed by a wide 
range of oxide catalysts. γ-Al2O3, ZrO2, and TiO2 are all Lewis acids that are able to carry 
out transfer hydrogenation of the aldehyde functionality in HMF, as well as form a mono-
ether. Strong Bronsted sites, present in H-BEA and Al2O3/SBA-15, catalyze formation of 
a mono-ether without hydrogenation of the carbonyl. Weak Brønsted sites are formed 
when ZrO2 and TiO2 are supported on SBA-15 and these promote ether formation 
following transfer hydrogenation. Sn-BEA, which contains only Lewis acid sites, was the 
most active catalyst for transfer hydrogenation and ether formation. 
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Chapter 9. High pressure cracking of n-hexane over H-ZSM-5 
 
9.1 Introduction 
Chapters 3 to 8 focused on biomass conversion in a high-pressure flow reactor. In 
this chapter, the kinetics of endothermic fuel reforming will be investigated in a similar 
high-pressure flow reacting system.  
Maintaining acceptable temperatures is a problem for engines in aircraft operating 
at supersonic velocities [123,124]. The thermal heat capacity of the fuel can provide 
some cooling but there are limits to the amount of heat that can be transferred since 
hydrocarbons decompose above a certain temperature [125]. A method that is being 
explored for taking up additional heat involves performing endothermic reactions on the 
fuel. Acid-catalyzed cracking in zeolites, particularly the reaction of alkanes to lighter 
olefins, is perhaps the simplest of the reforming reactions that could be used [126–132]. 
Although alkane cracking on zeolites has been studied extensively for refinery 
operations, endothermic reforming must be carried out under very different conditions. In 
endothermic reforming, the pressure will be very high, so that the fuel has a liquid-like 
density but at supercritical temperatures [131].  
An important question concerns how rates change at these high-pressure 
conditions. Alkane cracking studies at lower pressures have shown that there are at least 
two mechanisms, a monomolecular mechanism that likely involves protonation of the 
alkane as a transition state and a bimolecular reaction in which hydride transfer reactions 
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play an important role [133]. The potential influence of hydride transfer is shown most 
dramatically by the large rate increases observed for reactions of butane upon the 
addition of even 100 ppm of olefins to the feed [134]. The olefins are easily protonated 
by Brønsted sites within the zeolite and the resulting carbenium ions activate the alkanes 
by hydride transfer. The increased densities associated with very high pressures could 
influence both of these rate processes through increased molecular interactions. 
Sorption effects can affect rates even in the absence of molecular interactions. For 
example, the rate of n-paraffin cracking on a zeolite is expected to depend on surface 
concentration, as written in Equation 9.1; but the surface concentration will depend on 
pressure according to the adsorption isotherm, which is likely to follow a Langmuir 
shape, as indicated in Equation 9.2 [135–137]. 
                                                                         9.1) 
                                                                9.2) 
In Equation 9.2, the equilibrium constant, K, has a temperature dependence that is 
related to the heat of adsorption of the alkane, –ΔH, through Equation 9.3. 
                                                            9.3) 
Because the heat of adsorption for alkanes in ZSM-5 is the same whether or not 
there are Brønsted sites [138], -ΔH is the enthalpy change associated with physical 
adsorption in the zeolite micropores. These heats increase with the number of carbons in 
the alkane and decrease with pore size of the zeolite [139]. At the pressures typically used 
in kinetic studies, the surface concentrations are relatively low, so that the rate expression 
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is expected to take the form shown in Equation 9.4. Here, the apparent reaction rate 
constant, kapp, is the product of the intrinsic rate constant, kint, and the equilibrium 
constant [136]. 
                                                                    9.4) 
At high pressures, when KP >> 1, the reaction is expected to become zeroth order, 
with an activation energy, E, given by the temperature dependence of kint.  
For fundamental studies of alkane cracking, H-ZSM-5 is nearly ideal. The 
cracking of n-hexane has been studied extensively and the rate of the monomolecular 
reaction is known to increase linearly with the framework Al content [140]. A variety of 
adsorption studies have shown that the concentration of Brønsted acid sites in H-ZSM-5 
is equal to the framework Al concentration [119]. Finally, studies in which the Brønsted 
sites were titrated by partial ion exchange with alkali ions [136] showed that the rates 
decreased linearly with the extent of ion exchange. These observations demonstrate that 
each Al site has the same activity for alkane cracking and that one can describe the 
reaction in terms of a Turnover Frequency (TOF), the rate of reaction in molecules/site·s. 
In the monomolecular regime, TOF for various n-paraffins differ, in large part because of 
the sorption effects described above [136]. 
The present work reports n-hexane cracking rates on H-ZSM-5 over a wide range 
of pressures, from 0.03 to 137 bar, in order to determine the effect that alkane 
concentration has on the reaction. This work will show that, under conditions of 
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differential to moderate conversion, the rates can be described by a single, Langmuir-
Hinshelwood rate expression over a wide range of temperatures and pressures.  
9.2 Experimental 
The H-ZSM-5 zeolite used in this study was a standard reference sample obtained 
from NIST and reported to have Si/Al2 ratio of 60 [141]. It was obtained in the NH4-ion 
form and simply calcined in flowing air at 773 K to convert it into the protonic (H-ZSM-
5) form. The Brønsted-acid site concentration was determined from TPD-TGA of 2-
propaneamine to be 500 µmol/g, in good agreement with the Al concentration [141–144]. 
Characterization of this sample by other techniques has been described elsewhere [141]. 
Prior to placing the sample in our reactors, it was first pressed into thin wafers in a press 
at 2000 psi. The wafers were then broken into small pieces before loading them into the 
reactor. 
Catalytic cracking rates were measured for pure n-hexane (99% purity, Acros 
Organics) in two separate reactors. For pressures above 1 bar, the reactor used was the 
one shown in Figure 2.2. Rates at lower pressures were measured using a tubular flow 
reactor that has been described elsewhere [145]. Dry He was bubbled through liquid n-
hexane at room temperature. This stream was then mixed with another He stream to 
control the n-hexane partial pressure before being introduced to the reactor. The reactor 
itself was a 40-cm, quartz tube (3/8 inch OD and 0.3 inch ID). For these measurements, 
0.04 g of H-ZSM-5 was placed in the middle of tube and supported by glass wool. The 
total flow rate of gas in the reactor was maintained at 100 mL/min. Products were 
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measured using an on-line gas chromatograph (Series 910, Buck Scientific). Conversions 
were always less than 10% 
9.3 Results and discussion 
Figure 9.1 shows the conversion of n-hexane in the high-pressure reactor as a 
function of pressure, from 1 to 137 bar, and temperature from 558 to 588 K. The large 
majority of the products were alkanes and alkenes smaller than C-5 under these 
conditions. For a given temperature, the conversions initially increased with pressure, 
then leveled off to a constant value, exhibiting a shape similar to that expected for the 
adsorbate coverage as a function of pressure with a Langmuir isotherm. As expected, 
conversions increased monotonically with temperature. Also noteworthy is the fact that 
the catalyst activity was stable with time. No evidence for deactivation was observed over 
a period of 6 h at 588 K. As shown in the figure, conversions measured while increasing 
the pressure were identical to those obtained while decreasing the pressure. 
 
Figure 9.1: High pressure n-hexane cracking over 0.02g H-ZSM-5, total flow rate 
0.3mL/min.  () 558K, () 568 K, () 573 K, () 588 K increase 
pressure, () 588 K decrease pressure 
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Data like that in Figure 9.1, together with the Brønsted-site density of H-ZSM-5, 
were used to calculate TOF for n-hexane cracking at both high and low pressures. These 
rates are plotted in Figure 9.2. Because the rates were strongly dependent on pressure, it 
was difficult to measure differential rates over the same temperature range in both 
reactors. In the low-pressure reactor, it was necessary to work at higher temperatures to 
obtain measurable conversions; in the high-pressure reactor, it was necessary to work at 
lower temperatures to avoid high conversions. However, measurements at 633 K showed 
that rates from both reactors followed a smooth curve, indicating that there is consistency 
in the rate data from both reactors. It is also interesting to notice that the TOF at lower 
pressures agree well with previous reports [145].  
 
Figure 9.2: Turnover frequency of n-hexane cracking over H-ZSM-5 from 0.03 to 
137bar () 558 K, () 568 K, () 573 K, () 588 K, () 633 K, () 673 
K, () 698 K, () 723 K, () 748 K 
 
At low pressures, the plot of ln{TOF} versus ln{P} exhibits a slope of one, 
showing the reaction is first-order, as expected based on Equation 9.4. At high pressures, 
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the rates tend towards zeroth-order, also as expected for reaction when the zeolite pores 
are essentially filled. It is therefore interesting to examine the temperature dependences 
of the rates in these two regimes. This is shown in Figure 9.3, which is a plot of the rates 
at 0.03 bar and 137 bar as a function of T
-1
. The activation energies for the rates at low 
and high pressures were 170 and 90 kJ/mol, respectively. It is important to notice that the 
difference between these values, 80 kJ/mol, is exactly equal to –ΔH for adsorption of n-
hexane in H-ZSM-5 [138]. 
 
Figure 9.3: Activation energy under low and high pressure conditions () 0.03 bar, () 
137 bar 
 
Taken together, the data in Figure 9.2 and 9.3 indicate that the kinetics of n-
hexane cracking could be described by a single rate expression of the form given in 
Equations 9.1 and 9.2. Furthermore, at lower pressures, the rates associated with this 
expression are that of the monomolecular reaction that has been studied extensively in 
gas-phase cracking studies. Equations 9.1 and 9.2 account for sorption of the molecules 
into the zeolite structure but do not include terms for bimolecular reactions. This result is 
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surprising, given that previous work has shown the presence olefins could lead to large 
increases in the rates [134]. It is known that the monomolecular regime is more important 
for reactions in small- and medium-pore zeolites, such as ZSM-5 [133], although 
bimolecular reactions can still be important. It may be that the high reactant 
concentrations that occur at high pressures further confine the reactant molecules at the 
site and suppress the bimolecular reactions.  
 
Figure 9.4: Selectivity of C-7+ products at high temperatures () 593 K, () 633 K  
 
In a related point, it was anticipated that reaction at high pressures would lead to 
products with higher molecular weights due to the ability of olefin products to 
polymerize. However, significant amounts of C-7+ products were observed only at higher 
conversions. This is shown in Figure 9.4, which is a plot of the selectivity of n-hexane 
going to higher molecular-weight products as a function of conversion at 593 and 633 K 
in the high-pressure reactor. Not surprisingly, more C-7+ products are formed at higher 
conversions but the amounts were still relatively low. Also, the tendency to form these 
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higher molecular-weight products decreases with temperature. This temperature 
dependence is reasonable, given that the larger molecules will be more prone to further 
cracking at higher temperatures. 
The present study has obviously dealt with an idealized system. Endothermic 
reforming in practical applications would involve the complicated mix of hydrocarbons 
present in aviation fuels and would require cracking at higher temperatures. The presence 
of aromatics and higher temperatures will certainly influence the reactions that take 
place. The chemistry that occurs in other, larger-pore zeolites, such as H-Y or H-Beta, is 
likely to be more complex. It is still very interesting to see that the simple rate models 
developed for reaction of simple alkanes can be extrapolated over such a wide pressure 
range. The results also demonstrate the importance of alkane sorption to the reaction at 
high pressures. 
9.5 Conclusion 
For a wide range of pressures and temperatures, rates for catalytic cracking of n-
hexane in H-ZSM-5 could be described by a single rate expression that accounts for the 
concentration of n-hexane within the pores.  
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Chapter 10. n-Hexane Cracking at High Pressures on H-ZSM-5, H-BEA, H-MOR, 
and USY for Endothermic Reforming 
 
10.1 Introduction 
In Chapter 9, endothermic reforming was discussed as a possible approach for 
maintaining acceptable operating temperatures in aircraft engines [123,124]. The amount 
of energy that can be consumed by even simple cracking reactions is significant. For 
example, the standard heat of reaction for taking one mole of n-hexane to one mole each 
of propane and propene is +970 J/g, which is equivalent to the amount of energy that 
would be taken up by heating liquid n-hexane several hundred degrees. 
 Endothermic reforming reactions receiving the most attention for this application 
are those involved in acid-catalyzed cracking [126,128–131,131,132,146,147]. Although 
acidic zeolites are widely applied for catalytic cracking in petroleum refining, the 
conditions required for endothermic reforming are very different from that used for 
traditional catalytic cracking because the fuel is maintained at very high pressures before 
entering the combustion chamber. While the temperature of the fuel in the fuel lines may 
be supercritical, the hydrocarbon densities will be similar to that of liquids. These high 
densities can have a significant impact on the reaction because catalytic cracking in 
zeolites involves a complex set of processes, including bimolecular hydride-shift 
reactions. Therefore, it should be expected that rates for product formation and 
deactivation will be very different under these high-pressure conditions. 
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The relatively few papers that have been published on endothermic reforming 
using acid-catalyzed cracking reactions have raised many questions. For example, 
although one study of n-dodecane cracking on H-ZSM-5 between 0.1 and 4.0 MPa 
showed desirable products (primarily ethylene, propylene, butylenes), the authors 
reported that rates went down with increasing pressure [127]. This same study also 
reported that coking rates in the zeolite decreased at higher pressures, a result that has 
been observed by others [148]. It was hypothesized that high pressures may allow the 
supercritical fuel to extract the coke precursors from the zeolite micropores. Another 
group studying endothermic reforming using acidic zeolites reported that the effects of 
zeolite catalysis were minimal compared to homogeneous pyrolysis reactions for their 
conditions [149].  
The work in Chapter 9 reported that rates for n-hexane cracking in H-ZSM-5 
increased dramatically with increasing pressure, showing measurable conversions at 
200°C for pressures above 100 bar, conditions that are well below the onset of 
homogeneous pyrolysis reactions [120]. The reaction order changed from first-order to 
zeroth-order with increasing pressure, and the activation energy increased by an amount 
equal to the heat of adsorption of n-hexane. These results suggest that a simple, 
Langmuir-Hinshelwood rate expression for reaction of n-hexane adsorbed at the Brønsted 
sites describes the reaction well. No catalyst deactivation was observed over a period of 
several hours at temperatures up to 400°C and pressures up to 137 bar. 
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In general, alkane cracking over Brønsted-acidic zeolites can occur through either 
monomolecular or bimolecular cracking mechanisms, the characteristics of which have 
been reviewed by Kotrel, et al [133]. They reported the following: 1) The monomolecular 
mechanism likely involves protonation of the alkane (formation of a carbonium ion) as a 
transition state, which then reacts to form products. A characteristic of monomolecular 
cracking is that propene and propane should form in equal amounts, as should methane 
and C-5 products. 2) The bimolecular reaction involves intermediate carbenium ions 
(essentially protonated olefins) and has some similarities to chain reactions. The 
intermediate carbenium ions are formed from the reactant alkanes by hydride transfer to a 
carbenium ion at the acid sites. This newly formed carbenium ion then undergoes 
cracking and isomerization, forming products and a carbenium ion that can accept a 
hydride ion, thus continuing the chain. Historically, the bimolecular mechanism was 
proposed earlier and is therefore considered to be the “classical” mechanism for acid-
catalyzed, alkane cracking.  
Evidence for the bimolecular, hydride-transfer mechanism is seen most clearly by 
the large rate increases that have been observed for reactions of butane upon the addition 
of small concentrations of olefins to the feed [134]. The small concentration of olefins is 
sufficient to form carbenium ions and initiate the reaction. Importantly, the biomolecular 
mechanism leads to product distributions with high P/O ratios due to the fact that the 
product of hydride transfer to a carbenium ion is a paraffin. Simple isomerization 
products are formed if hydride transfer occurs before initially-formed carbenium ions 
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accept a hydride ion before undergoing cracking. Hydride transfer is a primary cause for 
catalyst coking by forming large aromatic deposits. Formation of aromatic deposits may 
also cause an induction period, since aromatic coke precursors can act as effective 
hydrogen sources during the initial stages of the reaction. The activation energies for 
hydride-transfer reactions tend to be low. 
In this chapter, the effect of zeolite structure on rates at high pressures will be 
studied. For jet fuel applications, zeolites with larger pore dimensions than those in MFI 
zeolites would be desirable; however, this work will show that rates and catalyst 
stabilities are dramatically lower in the large-pore zeolites (USY, H-BEA, and H-MOR) 
that were investigated. The products formed in the larger pore zeolites were also less 
desirable for endothermic reforming.  
10.2 Experimental 
The zeolite samples used in this study are listed in Table 10.1 together with some 
of the more important properties. The MFI (H-ZSM-5) zeolite was a standard reference 
sample obtained from NIST and was used in the previous study of high-pressure cracking 
[120]. The BEA (zeolite beta, CP814E), MOR (mordenite, CBV 21A) and USY 
(dealuminated zeolite Y, CBV 500) powders were obtained PQ Corporation in the 
ammonium-ion form. All zeolite powders were calcined in flowing air at 773 K to 
convert them to the acidic, hydrogen form. The powders were then pressed into thin 
pellets before placing the samples in the reactor. The Brønsted-acid site densities for each 
sample, also listed in Table 10.1, were determined by Temperature-Programmed 
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Desorption/Thermogravimetric Analysis (TPD-TGA) of 2-propaneamine from the 
amount of the amine which reacts between 575 and 650 K [141–144]. For H-ZSM-5, the 
site density is approximately equal to the framework Al content; but the site densities for 
the other materials can be lower than the Al content for reasons discussed elsewhere 
[145]. 
 
Table 10.1: Zeolite samples used in this study.  
Zeolite Si/Al2 Brønsted-acid site density (µmol/g) 
ZSM-5 60 500 
BEA 25 670 
MOR 20 1100 
USY 5.2 820 
 
 
The rate measurements were performed in the same high-pressure, flow reactor 
mentioned in Figure 2.2. For all conditions used in this work, there was no reaction in the 
absence of a catalyst. Most rates were determined from measurements in which the 
conversion was less than 10% to ensure differential conditions. The only exception to this 
was for the MFI sample, for which the conversion reached between 20% and 40% at 137 
bar; however, the measurements at high conversion were not used to determine activation 
energies. Rates are reported in terms of Turnover Frequency (TOF), which is simply the 
rate of n-hexane conversion to other species, normalized to the acid-site density reported 
in Table 10.1. 
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10.3 Results  
In a previous study of n-hexane cracking on H-ZSM-5, the rates were found to fit 
a simple Langmuir-Hinshelwood rate expression for pressures ranging from 0.03 to 137 
bar and temperatures from 558 to 633 K [120]. Furthermore, the activation energy of the 
Langmuir equilibrium constant was 80 kJ/mol, the heat of adsorption for n-hexane in 
ZSM-5 determined by calorimetry at high hexane coverages [138]. An implication of this 
rate expression is that the rates are directly proportional to the concentration of n-hexane 
in the H-ZSM-5 pores; and, based on those results, it was argued that the reaction was 
likely monomolecular. 
To determine whether the reaction follows a monomolecular mechanism over this 
whole pressure range, a more thorough investigation of the reaction was carried out by 
examining the products over H-ZSM-5. Table 10.2 shows a summary of the product 
distributions obtained from H-ZSM-5 at 0.067, 1, and 137 bar, at 633 K and 723 K. The 
carbon balance between reactants and products was examined for each case and the 
agreement, 99.2±0.4%, was excellent for each measurement. At 0.067 bar, the products 
are typical of that expected for the monomolecular reaction. For example, at 723 K, the 
moles of methane produced are roughly equal to the moles of C-5 products produced; 
propane and propylene are also produced in equal quantities. The reduction in olefin 
products, particularly ethylene and propylene, at 633 K and 0.067 bar suggests that these 
products may undergo secondary, oligomerization reactions due to increased adsorption 
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at the lower temperatures [150]. This also helps to explain the higher Parafin:Olefin (P/O) 
ratio at this temperature. However, the overall product distribution remains similar. 
 
Table 10.2: Molar selectivities (%) for n-hexane cracking over H-ZSM-5 at 0.067 bar, 1 
bar and 137 bar, under temperature of 633 K and 723 K.  
Pressure 0.067 bar 1 bar 137 bar 
Temperature 633 K 723 K 633 K 723 K 633 K 723 K 
CH4 8.80 12.18 2.85 3.25 0.09 0.47 
C2H4 3.07 7.81 2.25 6.70 0.07 0.97 
C2H6 1.82 9.05 1.73 7.44 0.06 1.08 
C3H6 7.59 21.80 5.83 17.41 0.19 2.52 
C3H8 18.35 21.05 7.20 14.59 4.34 8.15 
Iso-C4H10 8.22 2.78 7.63 4.45 5.78 6.79 
n-C4H10 21.77 11.30 13.88 15.59 9.51 13.46 
Iso-C5H12 10.02 9.69 12.55 4.93 15.22 13.19 
n-C5H12 13.45 1.43 26.19 14.97 28.44 28.01 
n-C6H12 3.41 1.49 6.11 5.63 3.11 2.81 
Iso-C6H14 3.49 1.42 8.97 3.26 15.58 12.32 
> C7 - - 4.81 1.78 17.60 10.24 
Conversion (%) 9.2 8.6 7.7 6.1 6.3 6.4 
P/O ratio 5.8 2.2 5.1 2.2 18.8 11.3 
 
 
 
The product distributions at 137 bar were significantly different.  Methane and C-
2 products were almost completely absent from the product distribution, while 
isomerization of n-hexane and formation of C-7+ were significant. Both of these 
observations are consistent with a bimolecular mechanism becoming dominant. For 
example, in n-hexane cracking studies over a USY zeolite, Williams, et al [151] observed 
decreases in methane and ethane formation when the n-hexane pressure increased from 
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0.1 kPa to 6.2 kPa and also argued for the importance of bimolecular cracking at high 
pressures. Isomerization is a bimolecular product formed when a C-6 carbenium ion 
accepts a hydride ion before undergoing C-C scission. C-7+ products can obviously only 
form via bimolecular processes. Finally, Table 10.2 shows that, at 1 bar, the product 
distributions are intermediate between the two limiting extremes, suggesting that both 
mechanisms are important. 
 
 
      (a)                                                         (b)   
Figure 10.1: Turnover frequencies (TOF) for n-hexane cracking from 1 to 137 bar. a) H-
ZSM-5 at () 633 K, () 613 K, and () 593 K; b) () H-BEA, (×) 
USY, () H-MOR at 633K 
 
To determine the effect of zeolite structure on n-hexane cracking at high 
pressures, rates were compared on H-ZSM-5, H-BEA, USY, and H-MOR. Figure 10.1 
provides the initial TOF for each of the four samples as a function of pressure, from 1 to 
137 bar. Rates for the H-ZSM-5 sample had been reported earlier for pressures down to 
0.03 bar and show a clear transition from first-order at low pressures to zeroth-order at 
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higher pressures [120]. This is repeated in Figure 10.1a), which shows rates between 1 
and 137 bar for temperatures of 593 K, 613 K, and 633 K. Because rates changed 
dramatically with pressure on H-ZSM-5, the conversions at 137 bar in this plot were 
between 20 and 40%, and differential conditions could not be assumed. Figure 10.1a) is 
shown for demonstration purposes only and reaction orders and activation energies 
reported in the earlier paper were obtained using different reactor catalyst loadings at low 
and high pressures so as to maintain differential conditions. By contrast, the rates on H-
MOR, H-BEA, and USY increased by less than a factor of 2 over the pressure range from 
1 to 137 bar at 633 K, as shown in Figure 10.1 b). The TOF were similar for all of the 
zeolites at 1 bar, but rates on H-ZSM-5 were the highest at 137 bar by a significant 
amount, followed by H-BEA, USY, and H-MOR.  
The transient characteristics for the various samples were also different, as 
demonstrated in Figure 10.2. In Figure 10.2a), TOF at 137 bar are shown for the H-ZSM-
5 sample as a function of time while holding the temperature at 573 K for 40 min, raising 
the temperature to 693 K for 60 min, then returning the temperature to 573 K. At 573 K, 
the rates were stable; the TOF was also stable at 693 K and, more importantly, the rate 
returned to its initial value when the sample was cooled back to 573 K. There was no 
induction period in the rates and no evidence for deactivation by coking under the 
conditions of these experiments. 
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                     (a)                                                                   (b) 
  
                   (c)                                                                     (d) 
Figure 10.2: Plots of the transient activity for n-hexane cracking. On each plot, the 
measurements were made at the pressures given by the symbols: () 1 bar, 
() 68 bar and () 137 bar. a) Rates are shown as a function of time on H-
ZSM-5 at 137 bar, while changing the temperature from 573 to 693 K and 
back. b) Transient rates for H-BEA at 633 K. c) Transient rates for USY at 
633 K. d) Transient rates for H-MOR at 633 K. 
 
Results for USY, H-MOR, and H-BEA, shown in Figures 10.2b through 10.2d), 
were qualitatively similar to each other but very different from that of H-ZSM-5. The 
transients in the TOF, reported at three pressures (1, 68, and 137 bar), are shown for a 
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temperature of 633 K but results obtained at other temperatures exhibited the same 
characteristics. At 1 bar, TOF decreased monotonically with time over a period of 120 
min. Deactivation was most severe with H-MOR. On USY and H-BEA, the rates 
appeared to reach a steady-state value that was about half of the initial activity. At 68 and 
137 bar, each of these three zeolites exhibited an induction period of about 20 min, 
during which time the rates increased by a modest amount. For longer times, the rates 
decreased steadily. The magnitudes of both the initial increase and the deactivation were 
largest for USY and H-MOR and more modest for H-BEA.  
 
 
                             (a)                                                                  (b) 
Figure 10.3: Arrhenius plots for n-hexane cracking over () H-ZSM-5, () H-BEA, 
() USY, and () H-MOR. Rates in a) were measured at 137 bar and rates 
in b) at 1 bar, with the exception of (), which shows data for H-ZSM-5 at 
0.03 bar.  
 
The rates on USY, H-MOR, and H-BEA also exhibited very different temperature 
dependences compared to H-ZSM-5, as shown by the Arrhenius plots in Figure 10.3. 
Figure 10.3a) presents data for all four zeolites at 1 bar, while data obtained at 137 bar 
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are shown in Figure 10.3b). All the activation energies were calculated from differential 
rates. Because 1 bar is near the pressure at which rates undergo a transition from first- to 
zeroth-order on H-ZSM-5, the data for H-ZSM-5 at 0.03 bar were also included, where 
the rates were more clearly first-order. On H-ZSM-5, the activation energies changed in a 
regular manner with pressure, going from 90 kJ/mol at 0.03 bar, to 98 kJ/mol at 1 bar and 
170 kJ/mol at 137 bar. There was no similar change in the other zeolites. When the 
pressure increased from 1 bar to 137 bar, the activation energies changed from 77 to 66 
kJ/mol on H-MOR, from 53 to 56 kJ/mol on USY, and from 63 to 64 kJ/mol on H-BEA. 
As discussed earlier, the activation energy difference between high and low pressures for 
H-ZSM-5 is consistent with the heat of adsorption of n-hexane. However, this picture 
does not apply to the data for H-MOR, USY, or H-BEA. 
 
Table 10.3: Molar selectivities (%) for n-hexane cracking over H-ZSM-5, H-BEA, USY 
and H-MOR at 137 bar, 633 K.   
 H-ZSM-5 H-BEA USY H-MOR 
< C2 < 0.5 < 0.5 < 0.5 < 0.5 
C3 10.3 4.7 2.2 8.2 
Iso-C4H10 14.1 16.4 6.7 13.3 
n-C4H8 1.8 - - - 
n-C4H10 17.6 3.7 1.5 6.4 
Iso-C5H12 11.0 12.3 6.4 11.7 
n-C5H12 20.7 4.1 1.4 3.8 
n-C6H12 3.3 - - - 
Iso-C6H14 14.6 55.8 79.8 56.6 
> C7 6.2 2.8 1.7 < 1 
Conversion (%) 11.7 15.4 12.1 6.8 
 
The cracking reaction has been reported to follow a monomolecular mechanism 
over all the four zeolites at low pressures, with transition to a bimolecular mechanism at 
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higher pressures [151]. However, the product distribution for H-ZSM-5 was very 
different from that found with the other three large-pore zeolites at high pressures, even 
though the cracking reaction should be bimolecular for all of the zeolites under these 
conditions. Table 10.3 shows the distributions for each of the four zeolites at 633 K and 
137 bar, at similar conversions. On the larger-pore zeolites, the primary products were the 
isomerization products, methyl-pentane and dimethyl-butane, with selectivities to these 
species being greater than 50% on each of these three samples. Furthermore, almost no 
olefins were observed in the product distributions on the larger-pore zeolites. By contrast, 
isomerization accounted for only 15.6% of the products on H-ZSM-5 and significantly 
more C-4 and C-5 products were formed.  Some olefins, such as butenes and hexenes, 
were also formed on H-ZSM-5. For endothermic reforming applications, this change in 
product distribution is very important, given that isomerization reactions will not take up 
significant amounts of energy. Finally, it should be noted that excluding isomerization 
products from the TOF in Figure 10.1 would make the differences between H-ZSM-5 and 
the larger-pore zeolites much greater. 
10.4 Discussion 
Previously, it was reported that TOF for H-ZSM-5 follow a simple, Langmuir-
Hinshelwood rate expression over a very wide range of pressures and temperatures [120]. 
The rates could be well described by the rate expression given in Equation 10.1, which 
shows that the rate is expected to be equal to an intrinsic rate constant, kint, times the n-
hexane surface coverage expressed in terms of the Langmuir Isotherm. 
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                                                                10.1) 
 That Equation 10.1 is mechanistic and not simply a fitting to arbitrary constants 
is shown by comparing the equilibrium constant, K, calculated from the rate expression to 
the equilibrium constant determined separately from adsorption measurements. Kotrel, et 
al [152] reported that the Henry’s constant for n-hexane in the H-ZSM-5 at 623 K is 
3.110-6 mol/kg Pa. In the rate measurements, kint can be determined from rates in the 
high-pressure, zeroth-order limit and then used to calculate K from rates in the first-order 
regime, where the rate constant is the product of kint and K. From this,  the K was 
calculated to be 3.2±0.6 10-6 mol/kg Pa at 633 K, almost the same value determined 
from adsorption measurements.  
Additional evidence that the K in Equation 10.1) is a true equilibrium constant 
comes from its temperature dependence, which can be calculated from the difference in 
the activation energies determined for zeroth-order and first-order regimes. As shown in 
Figure 10.3, this difference is 80 kJ/mol (170 kJ/mol – 90 kJ/mol). The equilibrium 
constant has a temperature dependence that is related to the heat of adsorption, ΔH, 
according to Equation 10.2,  
                                                       10.2) 
At high adsorbate coverages, ΔH for n-hexane in H-ZSM-5 was reported by 
microcalorimetry to be -78 kJ/mol [138], which is again in excellent agreement. All of 
this implies that rates for n-hexane cracking on H-ZSM-5 are strictly proportional to the 
surface coverage of n-hexane in the zeolite under the conditions of the present study.  
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Given that the product selectivities on H-ZSM-5 indicate a change in mechanism 
from monomolecular to bimolecular in going from low to high pressures, it is surprising 
that the intrinsic rate constant and the rate expression do not change. It is expected that 
the onset of bimolecular processes would cause an acceleration of the rates but this was 
not observed. In part, the shift in the product distribution on H-ZSM-5 results from 
secondary reactions that consume olefin products but this cannot explain the absence of 
methane in the high-pressure product distribution, since methane is very unreactive. 
There are also interesting questions regarding the results for the larger-pore 
zeolites: Why are the cracking rates on the large-pore zeolites so weakly dependent on 
pressure? Why is coking so much more important on the large-pore zeolites? And why do 
the rates on these materials not follow the simple Langmuir-Hinshelwood rate expression 
found with H-ZSM-5? It is suggested that the differences observed between n-hexane 
cracking over H-ZSM-5 compared to cracking over the larger pore zeolites must be due 
to steric limitations. Because of pore-size restrictions in H-ZSM-5, oligomerization of 
olefins to larger aromatic molecules is suppressed, so that coking is avoided. In the 
larger-pore zeolites, protonated carbenium-ion intermediates are also more able to 
promote hydride transfer, as evidenced by the high concentration of isomerization 
products, due to the larger volume available. The low activation energy in these materials 
could in part be associated with the high isomerization rates, which are associated with a 
high termination rate of the hydride-transfer reactions.  
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The differences in cracking activity between the various zeolites have important 
consequences for applications to endothermic reforming in aircraft engines. Olefins are 
desirable products for endothermic reforming and coking in the fuel lines is obviously not 
acceptable. The high selectivity to isomerization products by the larger-pore zeolites is 
also not desirable since it does not take up heat. All of this suggests that one should use 
catalysts that optimize the rates and product distributions, and our results would imply 
that smaller-pore materials are likely to be best for this application. There are issues 
concerning whether larger molecules could enter the pores but, for this application, it is 
probably acceptable to “reform” only those components in fuel that are able to enter the 
smaller pores. The fact that aviation fuel is a complex mixture of hydrocarbons may also 
have other implications. Feeding mixtures of aromatics and hydrocarbons with other 
functional groups may have different effects on the different zeolite structures.  
Endothermic reforming is still a relatively new concept that has not yet been 
implemented. Our results show that the choice of catalyst will certainly be critical and 
that there is still much to be learned about catalytic cracking of hydrocarbons under these 
novel operating conditions. 
10.5 Conclusion 
The acid-catalyzed cracking of n-hexane over H-ZSM-5 showed qualitative 
differences from that observed on H-MOR, H-BEA and USY under high-pressure 
conditions. At high pressures, rates on H-ZSM-5 show much higher pressure 
dependencies and a much higher activation energy. The reaction rates on H-ZSM-5 were 
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also much less susceptible to deactivation by coking. Product selectivities on H-ZSM-5 
were also better, with less isomerization more endothermic products being formed.  
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Chapter 11. Transient Adsorption Studies of Automotive Hydrocarbon 
Traps 
 
11.1 Introduction 
The work of Chapter 11 investigated hydrocarbon adsorption properties on zeolite 
materials for the development of automotive hydrocarbon trap. Catalyzed hydrocarbon 
trap systems (HCTs) offer a potential technological solution for capturing and converting 
emissions of hydrocarbon and organic species that break through the main, close-
coupled, three-way catalytic converters (TWCs) during cold-start and warm-up of 
gasoline and flex-fuel vehicles. Previous studies have been split between laboratory 
investigations of various adsorber materials [153–170] and applied studies demonstrating 
HCT performance at the vehicle level – the latter documented almost exclusively in the 
Society of Automotive Engineers literature
 
[171–177]. To date, commercial introduction 
of HCT technology has been limited due to cost, complexity, durability issues, and low 
overall storage and conversion efficiencies. Moreover, advances in both cold-start 
combustion technology and rapid TWC heat-up strategies have allowed conventional 
TWC technology to keep pace with more stringent emission standards and useful life 
requirements [178]. The latter situation may change over the next ten years, however, as 
the entire vehicle fleet moves to low-emission vehicle mandates such as LEV-III, 
especially for flexible-fuel vehicles certified on both gasoline and E85 fuels
 
[179]. In 
addition, broader application of turbochargers presents a new challenge to the catalytic 
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converter system owing to the delay they impose on catalyst warm-up. For these reasons, 
automakers and catalyst suppliers continue to investigate the potential of HCT 
technologies
 
[180].  
The simplest embodiment of an HCT is the so-called passive approach in which 
an underbody (UB) TWC (in a combined close-coupled (CC) + UB system) is replaced 
with a catalyzed HCT. The catalyzed HCT differs from a conventional TWC only in that 
the monolith washcoat consists of an underlayer of zeolite material and a topcoat of TWC 
material (rather than the common practice of two coats of TWC material of differing 
composition). Ideally, hydrocarbons that break through the CC-TWC during the first 30 s 
or so adsorb on the zeolite material and then desorb and combust over the top layer of 
TWC material as the trap warms up. In practice, a substantial fraction of the HC species 
desorbs before the catalyst is hot enough to combust them. This situation is exacerbated 
by the large amount of water that condenses along with the HC at the front of the trap and 
then gradually re-vaporizes and elutes through the remainder of the trap as the thermal 
front traverses the system. To this end, the HCT system resembles a temperature-
programmed chromatographic adsorber in which the various HC species and water are 
injected into the trap as a diffuse 30 sec pulse and then elute at rates governed by the 
concentrations and differential heats of adsorption of each species.   
Because the HC traps require a complex set of processes, including adsorption (in 
the presence of water), desorption, transport, and reaction, the choice of materials that 
would be most effective for this application remains unclear. For example, it is not 
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known whether the presence of acid sites is beneficial or harmful; the effects of 
hydrothermal aging on the trapping properties of the zeolite adsorbents are also unclear. 
Therefore, the present study was initiated to break down the complicated HC trapping 
processes into fundamental steps and aid in the design of trapping materials. To this end, 
this work reports the design and construction of a simple laboratory gas chromatographic 
adsorber and demonstrate its effectiveness for determining elution times and 
corresponding differential heats of adsorption, both in the absence and presence of water. 
This work have focused on light alkanes, at concentrations similar to what will be found 
in actual applications, because these are likely to be the most difficult components to trap 
and react. 
11.2 Experimental 
The design and measurement of the chromatographic adsorption was described in 
Chapter 2. The schematic of the experimental apparatus used in making the HC-trapping 
measurements is shown in Figure 2.2. The zeolite samples used in this study are listed in 
Table 11.1 together with some of their physical characteristics. All of the zeolite powders 
were calcined in flowing 5% oxygen at 773 K for one hour in order to place them in the 
protonic form and to remove any residual organic materials. Aged samples were 
generated by placing the fresh zeolite powder in a quartz boat in a tube furnace and 
subjecting the samples to a 4-mode aging cycle (in 10% H2O) at a total flow rate of 6.4 
L/min and gas temperature of 750 °C.  The 4-mode cycle is a simplified laboratory 
adaptation of Ford’s 4-mode dynamometer aging protocol and consists of:  1) 41 min 
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“stoich” (i.e., neutral) (N2), 2) 6 min rich (3%CO/1%H2/N2), 3) 5 min neutral (N2), and 4) 
8 min lean (3%O2/N2).  The cycle was repeated 25 times for a total aging time of 25 h. 
Prior to incorporating the zeolites into the column for HC-trapping measurements, they 
were pressed into thin wafers and then sieved so that only particles between 250 and 500 
µm were included.  
 
Table 11.1: Physical characteristics of zeolite samples: Si/Al2 ratio of BEA38 was 
obtained from XRF analysis by Ford X-Ray Laboratory, while the others 
were from Zeolyst product analysis; Saturation gravimetric uptakes for iso-
pentane on BEA samples were measured by TGA at Ford laboratory.  
Zeolite type Si/Al2 Cation form Supplier 
Iso-pentane uptakes (cm
3
/g)
* 
Fresh sample Aged sample 
MFI 280 Ammonium Zeolyst - - 
BEA 24 Ammonium Zeolyst 0.196 0.147 
BEA 38 Hydrogen - 0.229 0.185 
BEA 200 Hydrogen Zeolyst 0.163 0.160 
*
Assumes that the iso-pentane packed at its liquid density into the BEA zeolite. 
 
It was determined that the pore volume of the zeolite sample is a critical 
parameter in these measurements [181]. Although the pore volume of an ideal zeolite is 
determined by the structure of that zeolite, the capacity of real material is usually less 
than the ideal value due to the presence of amorphous material in the sample or to partial 
pore filling of the structure by non-framework material. In this study, the adsorption 
capacities for the various BEA samples were determined by measuring their weight 
changes upon exposure to iso-pentane at room temperature. The weight changes were 
obtained in a flow Thermal Gravimetric Analysis (TGA) system at the Ford Laboratory 
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by simply switching the gas composition from pure N2 to N2 with 5% iso-pentane. In 
Table 11.1, these adsorption capacities are reported as pore volumes and were calculated 
assuming the iso-pentane within the pores packed with its liquid density. The values 
reported in Table 11.1 are comparable to those reported previously for the BEA structure, 
0.22 cm
3
/g [182],
 
and changes in the iso-pentane uptakes provide a good comparison 
between BEA samples. Iso-pentane is also a representative component of hydrocarbons 
present in the exhaust stream. It is noteworthy that the aged samples, in particular, have 
lower pore volumes than the fresh samples, either due to the presence of amorphous 
material in the samples or from having partially filled pores.  
11.3 Model Development 
The results for the HC-trapping measurements were analyzed by treating the 
zeolite bed as a tubular reactor with axial dispersion and perfect radial mixing. Diffusion 
within the zeolite wafers and crystallites was assumed to be rapid. With these conditions, 
the balance on the gas-phase and adsorbed-phase concentrations, C and n, is given by 
Equation 11.1 [183].  
 
   
   
  
  
  
  
  
  
       
  
  
                                      11.1) 
The usual Danckwerts boundary conditions are given in Equations 11.2 and 11.3: 
                                                                 11.2) 
                                                                    11.3) 
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The initial concentration in the column is assumed to be zero and the input to the 
column, Co(t), is a pulse given by Equation 11.4. The length of the pulse, to is very short 
compared to the residence time. 
                                                                11.4) 
                     
To relate C and n, it is assumed that adsorption equilibrium is established at every 
position and that the isotherm is linear, as shown in Equation 11.5: 
                                                                     11.5) 
The various parameters in these equations are listed in the Glossary. With the 
exception of the product of the equilibrium constant, K, and the effective zeolite fraction, 
a, all of the parameters in the above equations can be determined with reasonable 
accuracy from other sources. (The solutions to the above equations will always be in 
terms of the product of K and a.) For example, the axial dispersion coefficient, D, can be 
estimated from correlations of the Peclet number (UL/D) as a function of Reynolds 
number [183]. Values for the fluid velocity (U), the bed porosity (ε), and bed length (L) 
were all measured. The effective zeolite fraction, a (g/g), accounts for the variable pore 
volumes of the various zeolite samples and is equal to the measured pore volume divided 
by the ideal pore volume of that zeolite structure.  
In the HC-trapping experiment, the measured value is the gas-phase concentration 
at the exit from the bed, C(L,t). Therefore, the above equations are solved using Finite 
Fourier Transforms to obtain the solution given in Equation 11.6 for t > to:  
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Here, λn are the eigenvalues calculated from Equation 11.7: 
          
  
       
    
                                                     11.7) 
and    are the eigenfunctions, Equation 11.8: 
        
                            
    
             
                                      11.8) 
It is worth noting that the above model assumes diffusion into the sample wafers 
and into the zeolite crystals is rapid. In both cases, the characteristic time for diffusion is 
given by the square of the characteristic lengths divided by the appropriate diffusivity. 
For diffusion into the wafers, the characteristic length (100 µm) and diffusivity (0.1 
cm
2
/s) yield a characteristic time of 10
-3
 s. For diffusion into the crystallites, the 
characteristic length (0.5 µm) and diffusivity (1.5x10
-7
 cm
2
/s is the value reported for iso-
octane in BEA at 298 K)
 
[184] make the characteristic time less than 10
-2
 s. Because 
these times are very short compared to the elution times in the column, the assumption 
that diffusion can be neglected is reasonable.  
The notations mentioned in the Equations are listed as follows: 
  = alkane concentration in gas phase (mol/L) 
   = alkane concentration of inlet pulse (mol/L) 
  = alkane concentration adsorbed on zeolite surface (mol/g)    
  = elution time (s) 
   = injection time (s) 
  = linear velocity in zeolite bed (m/s) 
  = bed length (m) 
A = column cross section area (m
2
) 
  = bed porosity (m3/m3)                      
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  = zeolite density (g/L) 
  = equilibrium constant (L/g) 
  = axial dispersion coefficient (m2/s) 
  = effective zeolite fraction (g/g) 
   = Peclet number =      
11.4 Results  
 
 
Figure 11.1: Normalized elution profiles for iso-pentane injection in BEA38 at 393 K, 
with different dose sizes: dash line (---) 16.7 µmol, dotted line (∙∙∙) 4.5 
µmol, solid line (—) 3.3 µmol, bold dash line (---) 2.2 µmol 
 
In order to allow comparison of experiments to the mathematical model, the 
conditions for which the linear isotherm were established first, Equation 11.5, was 
appropriate. Because the linear isotherm will always hold at low adsorbate coverages, a 
pulse study was conducted with iso-pentane on BEA38 at 393 K as a function of amount 
of iso-pentane injected in the initial pulse. Figure 11.2 shows normalized elution profiles 
as a function of dose size between 2 and 16 µmol. Except for the largest dose, the shape 
of the profiles was unaffected. Since the typical dose in this study was 2 ~ 4 µmol of 
adsorbate, the linear isotherm is expected to be valid. It is worth noting that a 4 µmol 
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pulse evenly distributed over the entire zeolite bed would give a loading of 0.0036 g iso-
pentane/g (0.0058 cm
3
/g), which is less than 3% of the saturation uptake determined for 
this sample, 0.229 cm
3
/g. Furthermore, this loading is comparable to those in functioning 
HC traps, where design targets are set far below saturation levels to avoid slip. 
HC-trapping experiments with iso-pentane on BEA38 were then conducted as a 
function of temperature, with results shown in Figure 11.3a). Not surprisingly, the peak 
elution time, tp, and the spread of the elution curve decreased with increasing 
temperature. For example, tp decreased from 1067 s at 373 K to 106 s at 433 K. To check 
whether diffusion from the gas-phase into the sample wafers could be important, 
experiments with thinner wafers (180 to 250 µm rather than 250 to 500 µm) and with the 
He carrier replaced by N2 were performed. Because the binary gas-phase diffusivity of 
iso-pentane in N2 should be significantly smaller than in He, the elution curves would be 
expected to shift to longer times with N2 if diffusion were important. However, the results 
with thinner wafers and with the N2 carrier were indistinguishable from those observed 
with thicker wafers and with the He carrier. Although it was not able to vary the size of 
the zeolite crystallites and diffusion in the crystallites would not be affected by the 
carrier-gas composition, the length scale for the crystallites is so much smaller than that 
for the sample wafers that intra-crystalline diffusion is not likely rate limiting, as 
discussed earlier.  
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         (a) 
 
(b) 
Figure 11.2: (a) Experimental elution profiles for iso-pentane injection through BEA38 
as a function of temperature; (b) elution curves calculated from Equation 
11.6 by adjusting only the product of a and K. Parameters used were as 
follows: 
          = 6.68×10
-3 
mol/L               = 1.2 s                = 0.04 m                  = 0.15 m/s 
           = 0.35 m3/m3                  = 1300 g/L         = 8.57×10-5 m2/s           Pe = 70.01 
        a∙K373K = 4.942 L/g       a∙K393K = 2.142       a∙K413K = 1.001 L/      a∙K433K = 0.497 L/g 
 
Figure 11.3b) was calculated from Equation 11.6 by fitting the elution curves, 
adjusting only the product of a and K. In this calculation, the inverse of the Pe number 
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and the dispersion coefficient, D, were determined from correlations to be 0.014 and 
8.57x10
-5
 m
2
/s, respectively, while the sample density and bed porosity were measured. 
Only K was allowed to vary with temperature. The fit of the model to both the peak 
elution times and to the shapes of the elution curves is very good as seen by comparing 
Figures 11.3 a) and 11.3 b). 
 
 
Figure 11.3: Heats of adsorption for alkanes on MFI280: () propane, () n-hexane, 
() n-octane 
 
The good fit between experiment and calculation does not prove that the 
equilibrium constant extracted from the calculation is accurate. As an additional test of 
the approach, a similar series of experiments were performed with propane, n-hexane, 
and n-octane over a range of temperatures in an MFI zeolite. The fit of the calculations to 
the experiments, using the same Pe number and dispersion coefficient, was again 
excellent. The logarithm of the calculated a*K values as a function of 1/T was then 
plotted, as shown in Figure 11.4. Using Equation 11.9,  
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                                                           11.9) 
The heats of adsorption for the three adsorbates were calculated to be 40±2 
kJ/mol for propane, 68±2 kJ/mol for n-hexane, and 90±2 kJ/mol for n-octane. The values 
for propane and n-hexane are in excellent agreement with published data from 
calorimetric measurements, 41.4 kJ/mol for propane [139] and 70 kJ/mol (at low 
coverages) for n-hexane [138]. Assuming that heats of adsorption for normal alkanes in 
MFI increase by 10 kJ/mol for each -CH2- [139], the agreement for n-octane is also 
reasonable. 
An analysis of HC-trapping measurements with iso-pentane in BEA zeolites with 
varying Si/Al2 ratios showed identical heats of adsorption, 51±1 kJ/mol, on all of the 
samples. This result agrees with previous observations that interactions between alkanes 
and the acid sites are negligible at these low temperatures
 
[138]. However, our 
measurements showed that the elution times and peak shapes varied with sample. Since 
the equilibrium constants should depend only on zeolite structure, this work examined 
how the effective zeolite fraction, a, and experimentally determined pore volumes would 
change the results.  
In Figure 11.5, the measured peak elution times for the various BEA samples 
shown in Table 11.1 are plotted as a function of the pore volumes determined in TGA 
measurements of iso-pentane. There is a clear correlation between these variables, with 
the peak elution time increasing with pore volume. To determine how strongly elution 
time should vary with pore volume, the expected peak elution time as a function of a was 
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calculated, taking into account that a is directly proportional to the pore volume. The 
solid line in Figure 11.5 is the result of this calculation, using the data for BEA38 as the 
starting point and varying onlya, which is proportional to pore volume. The calculations 
explain the data well, especially given the uncertainty in the measured pore volumes. It is 
worth noting that aging affected the samples with lower Si/Al2 ratios much more 
strongly. High-temperature steaming of zeolites is known to be particularly damaging to 
materials with lower Si/Al2 ratios, since it will remove Al from the framework and at 
least some of this non-framework material is likely to remain in and partially fill the 
pores.  
 
Figure 11.4: Correlations between iso-pentane peak elution times at 393 K and BEA 
zeolite pore volumes: () BEA24, () BEA24 aged, () BEA38, () 
BEA38 aged, () BEA200, () BEA200 aged. The solid line was 
calculated by varying effective zeolite fraction, which is proportional to 
pore volume. 
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(a) 
 
(b) 
Figure 11.5: Iso-pentane adsorption on (a) BEA38 and (b) BEA200 in presence of water: 
dash line (---) 0% water, dotted line (∙∙∙) 5.4% water, solid line (—) 10.9% 
water 
 
Vehicle exhaust contains approximately 12% water and this can strongly affect 
the performance of hydrocarbon trapping. To determine how water influences this 
process, the HC-trapping measurements were carried out with iso-pentane as a function 
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of the background water pressure over BEA38 and BEA200 at 373 and 413 K. Results 
for BEA38 are shown in Figure 11.6 a) for background water concentrations of 0%, 5.4% 
and 10.9%. At 373 K, the effect of increasing water concentration was dramatic and 
similar to the effect of changing a*K in Figure 11.3b) in that there was both a decrease in 
the peak elution time and in the width of the peaks. With 10.9% water, the elution time 
was only 43% of its value under dry conditions. The percent change in the elution time 
was somewhat lower at 413 K, but still significant. The corresponding experiments on 
BEA200 are shown in Figure 11.6b). The changes upon addition of water are much 
smaller; at 373 K, the elution time in 10.9% water was still 79% of its value under dry 
conditions.  
The primary reason for changes observed in the presence of water vapor is due to 
changes in the available pore volumes for iso-pentane due to the presence of adsorbed 
water. Essentially, the apparent equilibrium constants are decreased for the same reasons 
as that found in Figure 11.5. On BEA38, there will be a significant uptake of water in the 
pores of the zeolite due to interaction with the Brӧnsted sites. It is well known that water 
tends to form clusters about these sites, so that uptakes can be significantly larger than 
one water molecule per site [185,186]. The uptake of water in the more siliceous zeolite, 
BEA200, will be less; however, there will still be adsorption, particularly at defect sites 
[186]. 
With HC-trapping in the presence of steam, the temperature will affect both the 
hydrocarbon adsorption-equilibrium constant and the water coverage, so that the analysis 
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used in Figure 11.4 for determining heats of adsorption for the hydrocarbon in the 
presence of water is not appropriate. However, it is noteworthy that the calculated 
equilibrium constants for iso-pentane in BEA200 were more strongly temperature-
dependent than they were in BEA38, as shown in Table 11.2. The reason for this is that 
increasing the temperatures significantly decreased the loading of water in BEA38, 
increasing the available pore volume for hydrocarbons, while the water loading was low 
at all temperatures for BEA200. 
 
Table 11.2: The calculated heat of adsorption of iso-pentane on BEA zeolite in presence 
of water 
Water concentration (%) 
    (kJ/mol) 
BEA38 BEA200 
0 51.4 50.6 
5.4 45.5 50.4 
10.9 42.9 50.1 
 
11.5 Discussion 
Hydrocarbon trapping in automotive catalyst systems has a natural 
chromatographic signature associated with adsorption, desorption, and reaction of 
different HC species in zeolite materials in the ubiquitous presence of water vapor. The 
present study shows that much of this chromatographic character can be emulated in a 
laboratory chromatographic adsorber that is simple in design and yet capable of 
generating fundamental data of direct utility in HCT design.  Furthermore, the good 
agreement between the experimental data and a simple analytically-solvable HC-
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adsorption model provides transparency (often lacking in vehicle studies) regarding the 
zeolite properties that affect HCT performance and the changes that occur upon aging.  
For alkanes, which adsorb primarily through Van der Waals interactions with the 
zeolites, our studies show that equilibrium models describe the elution curves well and 
demonstrate that, for our conditions, kinetic limitations are negligible. The equilibrium 
data for pure compounds obtained from the chromatographic adsorption experiments 
agree well with conventional methods such as calorimetry; furthermore, there is a 
relatively simple and direct relationship between the elution time and both the 
equilibrium constant and the adsorption capacity of the trapping material. Most 
importantly, the chromatographic measurements allow the effects of co-adsorbed water 
and zeolite aging to be determined quickly and easily. The experimental results, along 
with the model, can be used in a straight-forward manner to make first-order projections 
of the HCT size required to 1) adsorb hydrocarbons without slip, and 2) release the 
hydrocarbons at times and temperatures compatible with light-off of a TWC overlayer.  
Moreover, the chromatographic adsorption data can be input into more detailed reactor 
models that account for heat and mass transfer effects, as well as effects of water 
condensation and readsorption, to make more accurate calculations of the effects of trap 
size and location on overall HC conversion efficiency.   
Even in the simple demonstration of chromatographic adsorption (and associated 
modeling) presented here, several observations emerge that provide useful HCT design 
guidance.  Perhaps most significant is the importance of the effective zeolite fraction, a, 
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which relates directly to the effective zeolite pore volume. Prior HCT design work at 
Ford has focused on maximizing zeolite washcoat loading for a fixed trap volume set by 
existing converter designs and packaging space. As shown clearly in Figure 11.5, 
however, the hydrocarbon elution times scale directly with pore volume, and vary by 
more than 35% for a range of BEA zeolite samples of different Si/Al2 ratio and aging 
status. Thus, pore volume (and its retention after aging) is an important material property 
that must be weighed against other properties such as Si/Al2 ratio in optimizing the 
zeolite for a particular application.   
The simple chromatographic experiments conducted here also provide guidance 
in how to assess the effects of water vapor in gas mixtures where the partial pressure of 
water exceeds that of the hydrocarbons by 2 to 3 orders of magnitude. Our results 
indicate that water competes with small alkanes for pore volume in the zeolite and 
suggest possible ways to minimize the effects of water on HC traps. Water molecules 
adsorb primarily on Brønsted sites, where they tend to form clusters with multiple 
molecules per site [185], whereas alkanes show no preference for adsorption on Bronsted 
sites [138]. Prior to this work, there had been an assumption that Brønsted sites are 
required for effective trapping olefins and ethanol, which are known to both adsorb and 
react at acid sites [144,187]. However, the competing effects of water adsorption, 
combined with the instability of the acid sites under hydrothermal aging conditions, 
suggest that at least part of the zeolite in a HCT should consist of high-silica, nonacidic 
materials.  
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Finally, the present study clearly shows the challenge in storing weakly adsorbed 
hydrocarbons such as propane (see Figure 11.4) to temperatures where they can be 
reacted by the TWC overlayer. For Van der Waals interactions, adsorption is enhanced in 
zeolites with smaller pores [139]. For example, the heat of adsorption for propane has 
been shown to increase from less than 30 kJ/mol in siliceous UTD-1 (a 14-membered-
ring, one-dimensional-pore zeolite) to almost 50 kJ/mol in TON (a 10-membered-ring, 
one-dimensional-pore zeolite) [139]. The effect this has on the equilibrium constants is 
dramatic. Obviously, the large-pore zeolites have the advantage of adsorbing aromatics 
and other larger molecules. Therefore, it may be advantageous to use a mixture of small- 
and large-pore zeolites in the trap, with the small-pore sieves there to capture the lighter 
hydrocarbons.   
11.6 Conclusion 
Catalyzed hydrocarbon trap systems (HCTs) offer a potentially attractive method 
for improved cold-start technologies in Three-Way Catalysts. The present study has 
demonstrated the utility of a simple laboratory chromatographic adsorber for determining 
adsorption properties relevant to HCT design. Using simple alkanes, it has been shown 
that zeolite adsorption capacities and adsorption equilibrium constants are key variables 
for controlling the uptake and elution of hydrocarbons. Water vapor affects adsorption by 
partial filling of the pores but the use of high-silica zeolites can reduce the effects. The 
equipment and instrumentation utilized here allow extension of the chromatographic 
adsorption approach to other hydrocarbons and organic species such as olefins and 
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ethanol, thus opening the door to combined adsorption/reaction experiments under both 
isothermal and temperature-programmed column operation.  Experiments of that type are 
in progress. 
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Chapter 12. Conclusions 
In this thesis, great progress was made in understanding the hydrodeoxygenation 
of HMF. Chapter 3 describes one of the first flow-reactor studies on the liquid-phase 
HDO of HMF in the literature. The flow reactor is significantly better than the 
conventional batch reactor for mass transfer and contact time control. Previous batch 
reactor studies did not properly demonstrate the effectiveness of the Pt for this reaction. 
By contrast, reasonably high yields of DMF could be achieved by controlling the reaction 
time in a flow reactor. From the product distribution curves as a function of space time, 
the HDO of HMF is demonstrated to be a sequential reaction, with HMF first reacting to 
furfuryl ethers and other partially hydrogenated products. These intermediate products 
then form DMF, which in turn reacts further to undesired products. Understanding this 
sequential reaction nature is important for catalyst development. It is suggested that the 
good HDO catalysts should be able to shut down the over-hydrogenation of DMF.  
The work in Chapter 4 systematically compared HDO performance over six 
monometallic catalysts, including Pt, Ir, Pd, Ni, Co and Ru. All revealed the same 
sequential reaction nature, but with differences in the reaction rates, over-hydrogenation 
product selectivities and catalytic stabilities. Reaction results have also shown that the 
DMF yields on monometallic catalysts were generally lower than 60%. This work 
establishes the knowledge base for further investigations on bimetallic catalysts.  
Nearly 100% DMF yields from HDO of HMF have been achieved over bimetallic 
catalysts (Pt-Co, Pt-Ni, Pt-Cu and Pt-Zn) investigated in Chapter 5 and Chapter 6. Metal 
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ratio is recognized a key factor to obtain high DMF yield. Therefore, catalysts with well-
controlled local compositions are required for this reaction. The effects of the secondary 
metals on Pt may be very different. It is observed that Pt-Co forms a monolayer cobalt 
oxide covering the metal surface, preventing the reactions with the furan ring. The 
alloying of Ni and Zn, due to their oxophilicity, could stabilize the intermediate which 
favors HDO. Cu atoms would likely to repulse the furan ring due to orbital overlaps. 
Although these effects are quite different, it is likely that each of the alloys modifies the 
bonding conformation of DMF so as to prevent the furan ring from lying down on the 
surface.    
In Chapter 7, the HDO of furfural has been investigated under high H2 pressure 
(liquid-phase reaction) and low H2 pressure (vapor-phase reaction) conditions. With high 
H2 pressure, the HDO of furfural follows a sequential reaction network that is similar to 
the HDO of HMF, with methyl furan is formed as an intermediate. The similarities in the 
reaction network for furfural and HMF imply that the strategies for developing improved 
catalysts should also be similar. On the contrary, decarbonylation is a major reaction 
pathway only at low H2 pressures. Earlier theoretical studies suggest that the H2 coverage 
could change the conformation of adsorbed furfural. Furfural prefers to lie flat on metal 
surface in absence of adsorbed hydrogen, which is favored for decarbonylation.  
The Chapter 8 demonstrates the activities of HMF etherification with 2-propanol 
on various metal oxide catalysts. The acidities of the oxide catalysts will greatly affect 
the product selectivities. Weak Lewis acid catalysts, such as Al2O3, ZrO2 and TiO2 are 
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able to carry out transfer hydrogenation and form mono-ether. Strong Brønsted sites in H-
BEA produces mono-ether without hydrogenation. Weak Brønsted sites on SAB-15 
supported ZrO2 and TiO2 could promote the ether formation following transfer 
hydrogenation to produce di-ether.  
In addition to biomass conversion, Chapter 9 and 10 also study the high-pressure 
cracking of n-hexane over zeolite catalysts for cooling of jet engine. The n-hexane 
cracking rates have been measured under wide pressure ranges (up to 137 bar) over H-
ZSM-5, H-MOR, H-BEA and USY. The reaction performances are very different on 
zeolites with different pore size. For medium-pore zeolite, H-ZSM-5, the reaction rates 
can be described by a single Langmuir-Hinshelwood rate expression. Those rates show 
higher pressure dependencies and coking resistance. On the other hand, for large-pore 
zeolites (MOR, BEA and US), the rates deactivate fast, and the reactions are more 
selective for isomerizaiton products.  
Chapter 11 demonstrates the feasibility of a laboratory chromatographic system 
for determining the adsorption properties of hydrocarbon on zeolite materials. A simple 
dispersion model is developed to obtain adsorption equilibrium constant. With the 
presence of water, the pores of zeolite with low Si/Al ratio can be partially filled by water 
molecules, which could dramatically decrease the adsorption efficiency. High-silica 
zeolite can minimize the effect of water. The present study provide guidance in how to 
assess the effects of water vapor on hydrocarbon adsorption for the development of 
automotive hydrocarbon trap system.  
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